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A Review on Microreactor Design for Effective
Fischer–Tropsch Process Intensification

Yangjun Wei,* Lukas Thum, Avela Kunene, Daniel Amkreutz, Rutger Schlatmann,
and Sonya Calnan

Microreactors have high potential to achieve isothermal reaction conditions,
short diffusion lengths as well as narrow residence time distributions, and
thus, are very favorable for process intensification. In this review, experiments
and simulation experiences on microreactors with cross sections of 10−2–101

mm for Fischer–Tropsch (FT) Synthesis are summarized, with a focus
on reducing temperature and concentration gradients while maintaining a
low pressure drop and sufficient FT liquid product removal. Using distinctions
between packed-bed and wash-coated microreactors, four design aspects
including heat transfer, mass transfer, pressure drop, residence, and contact
time for microchannel/-tube and micromonolith/-structured versions are
discussed, and the corresponding dimension, material- and operation-relevant
parameters are investigated. Additional attention is also devoted to transferable
benefits of microreactors to other syngas-related processes. Furthermore,
limitations and challenges in experiments and simulations are noted,
and future directions for investigations of microreactor design are suggested.

1. Introduction

The constantly increasing energy demand nowadays has become
a main concern for economic growth and social development,
while, on the other hand, the greenhouse gas (GHG) emissions
from the use of fossil fuels cause a grand challenge of global
warming.[1] Therefore, the decarbonization of energy systems
and efficient energy utilization are urgently needed. According to
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the energy strategy of the European
Union (EU), the GHG emissions are to
be reduced by 80–95% from 1990 levels
by 2050.[2]

To meet the demands of energy de-
carbonization, efficient utilization, stor-
age, and mobility, various routes of
X-to-X (XtX) are described in the lit-
erature in attempts to mitigate GHG
emissions. Amongst many is power-to-X
(PtX), which is characterized by convert-
ing electrical power and carbon source
to gaseous or liquid fuels or chemicals,[3]

X-to-liquid (XtL), which converts renew-
able carbon sources (e.g., biomass) to liq-
uid fuels or chemicals,[4] are emerging
technologies that have become a frontier
area of research in recent years. Sum-
marized in Figure 1 are the possible
flows of energy transformation, which
are in line with sustainability goals.

Amongst many, Fischer–Tropsch synthesis (FTS) plays an im-
portant role in converting sustainable carbon sources to hydro-
carbons, which is a typical gas-to-liquids (GtL) technology. Even
though FTS was developed in the 1920s, this technology re-
mains relevant to date with growing interest due to its agnostic
nature regarding carbon sources such as feedstock (e.g., fossil
fuels, renewables, biomass, organic/carbonaceous wastes, etc.).
From this process a wide product spectrum of hydrocarbons (n-
alkanes, n-alkenes) and oxygenates can be achieved, as illustrated
following.

nCO + (2n + 1)H2 → CnH2n+2 + nH2O (1)

nCO + (2n)H2 → CnH2n + nH2O (2)

CO +H2O ↔ CO2 +H2 (3)

However, FTS is a highly exothermic reaction with typically
∆HSTP = −165 [kJ⋅mol−1], varied according to product selectivity,
whichwill strongly determine the chain growth probability. Thus,
hot spots and operational runawaymay have a negative influence
on the product profile. Therefore, better heat control and heat re-
moval are essential, and enormous attentions are drawn to this
regard, aiming at high selectivity for targeted hydrocarbons.[5]

Depending on the operating scale, heatmanagement can become
a challenge, particularly at a large industrial scale,[6,7] as this can
induce pronounced catalyst sintering, which may ultimately lead
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Figure 1. Schematic of various routes of X-to-X (XtX). P: power; L: liquid
energy; G: gaseous energy; X: liquid or gaseous energy.

to catalyst deactivation.[8] However, the efficiency of FTS process
is not limited to heatmanagement only, parameters such asmass
transfer, hydrodynamics (which include, but are not limited to,
pressure drop and residence time distribution) also form an inte-
gral aspect in achieving an efficient industrial process. Exemplary
mass transfer phenomena between gas–gas, gas–liquid, liquid–
liquid, gas–solid, and liquid–solid should be considered. As such
this makes FTS rather a complex process. Using FTS process as a
model study can form a basis for understanding other relatively
less complex gas–solid reactions, e.g., Sabatier reaction ∆HSTP
= −165 [kJ⋅mol−1], steam reforming of methane ∆HSTP = 206.1
[kJ⋅mol−1].
To bring heat transfer, mass transfer, and hydrodynamics into

consideration, reactor design is able to form an essential aspect
that may unlock the full potential of this process. To date, de-
pending on the mobility of the catalyst, FTS reactors can be
categorized as fixed-bed (FB) reactors (e.g., monolith and mi-
crostructured reactors, where the catalyst is stationary in the reac-
tor), slurry bed (SB) reactors and circulating fluidized bed (CFB)
reactors.[9] In an FB the catalyst bed is typically packed in a de-
fined reactor position while in a SB or CFB the catalyst is con-
stantly well-mixed within the whole reactor. This means that dur-
ing FTS operation, for FB the heat generation is localized where
the catalyst bed is stationed, and this may cause catalyst sinter-
ing, then ultimately deactivate the catalyst.[10,11] Besides, pressure
drop of FB is crucial in the industrial applications to reduce the
compression costs,[9] and thus, high pressure drops make the re-
actor less flexible to be scaled up. On the other hand, SB has the
advantages of temperature uniformity due to the well-mixing na-
ture of the catalyst within the reactor, however, the separation of
the catalyst and the liquid products remains non-trivial.[12] Fur-
thermore, both SB and CFB require significant agitation power
to keep the catalyst particles suspended, which can increase op-
erating costs.[12] Whereas microreactors have become a rapidly
developing reactor branch and are also distinguished by their
small/micro dimension. For this, typically, the hydraulic diame-

ter dh which describes cross-sectional diameter of the reactor and
is given by

dh =
4A
P

(4)

where A is the cross-sectional area of the flow [m2] and P is the
wetted perimeter of the cross-section [m]. Accordingly, FTS re-
actors can be categorized as industrial/large-, and small/micro
scale. Exemplary large-scale FB, SB, and CFB plants (standard
GtL production: 1000–2000 barrels per day (BPD)) for FTS have
been constructed by Sasol (South Africa, Qatar, and Nigeria), Pet-
roSA (South Africa), Shell (Malaysia and Qatar), Synfuels China
(China), Yitai CTL Plant (China), Shenhua ICL (China), etc.[5]

Typically, their cross-sectional hydraulic diameters (dh, see (Equa-
tion 4)) are >> 101 [mm]. Conversely, an increasing number of
FTS microchannel reactors were constructed – some of the most
common ones by Velocys, Inc.,[13] KOGAS,[14] AjouUniversity,[15]

and INERATEC GmbH[16] (detailed in Table 5). The integrated
FTS pilot-scalemicrochannel reactors, with a capacity of≈1 BPD,
are able to achieve CO conversion of ≈70% and C5+ selectivity
of ≈80%, demonstrating their comparability to commercial FB
FTS reactors of similar processing capacity (28–44 BPD).[17] Be-
sides, a catalytic microreactor can provide a specific external sur-
face area (square meters of catalyst surface per cubic meter reac-
tor volume) of approximately 2–5 × 104 [m2⋅m−3], while a tradi-
tional reactor 0.1–1 × 103 [m2⋅m−3].[18] Therefore, micro-scale re-
actors have garnered increasing interest not only because of their
inherent advantages of short mass diffusion lengths, small con-
centration/temperature gradients but also their high potential for
process intensification.[5,14,19] Moreover, micro-scale reactors are
highly integrated, compact, portable and safe, making them suit-
able for many applications such as offshore and remote produc-
tion facilities.[20] Additionally, microreactors enable the safe use
of highly active catalysts,[21] and thus, have driven a recent in-
crease in interest especially for FTS process. Here, dh is in a range
of 10−2–101 [mm] for a typical microreactor, maintaining the ad-
vantages for heat and mass transfer, where dh may indicate the
size of the parallel unit (e.g., of microchannel reactor), structure
inserted in the reactor or reactor itself. The microreactors within
this range are focused in the following sections of this review.
The literature contains numerous investigations on catalyst

development and the use of conventional reactors (i.e., FB, SB
and CFB) for FTS.[5,22–24] However, very limited works focus on
neither simultaneous design on heat andmass transfer as well as
hydrodynamics for microreactors nor optimization for the con-
flicting reactor design requirements for FTS, though there are
already successful lab-scale and pilot-scale FTS microchannel re-
actors (see Table 5), and a clear catalogue of design strategies has
not yet been published. A selection of review papers related to
microreactor design are summarized in Table 1 and show inves-
tigation trends in catalyst development and reactionmechanism,
reactor design and fabrication, operation, and process simula-
tion. However, though the heat transfer in microreactors is rec-
ognized as a major design aspect and has been extensively re-
ported, the interrelated effects of dimension-, material- and op-
eration parameters have not been studied for specific reactions.
Furthermore, transferring design experiences from heat sink or
other catalytic reactions to the FTS process is seldom discussed.
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Table 1. Summary of recently published reviews related to microreactor design. (+) indicates a positive contribution to knowledge and (-) indicates a
knowledge gap.

Refs. Main topics Contributions and knowledge gaps regarding reactor design

2018
Naqiuddin, et al.[25]

1) Micro heat sink with straight/wavy/pin-
fin/ribs/dimples/oblique fin channels and coolant

2) Numerical simulation of heat removal and fluid flow
distribution

3) Application in electronics systems, solar cell, fuel cell,
and medical devices

(+) Design of heat sink was summarized.
(−) Design transfer to heat management for catalytic reaction systems is

not scoped.

2018
Suryawanshi,
et al.[26]

1) Materials for microreactor fabrication, fabrication
methods

2) Microreactor application in the field of nanoparticles,
polymers, organic chemicals and medicines

(+) Microreactor fabrication was summarized.
(−) Microreactor design is not included.

2020
Engelbrecht,
et al.[27]

1) Autothermal operation with exothermic and en-
dothermic reactions

2) Heat exchange configurations of counter-current
flow/co-current flow and cross flow

(+) Autothermal reaction systems with heat exchange configurations of
counter-current flow/co-current flow and cross flow were summarized.
(+) A variety of design aspects are discussed including wall materials,
channel dimensions, catalyst positioning, feed gas distribution, heat
recirculative reactor geometry, manufacturing tolerance, catalyst
sintering, pressure drop, shape of channel, coating methods, and

deactivation.
(−) Design transfer to the FTS process or other catalytic reactions is not

discussed.

2020
He, et al.[28]

1) Catalytic methane combustion (CMC): catalyst, reac-
tion mechanisms, and conditions

2) Applied reactors: fixed-bed reactor, wash-coated reac-
tor, membrane bed, fluidized bed

(+) Catalyst types and forms, reactors including microchannel type, and
effects of operational factors for CMC were surveyed.

(−) Effects of heat management, mass transfer, fluid dynamics on
microreactor design are not scoped.

(−) Design transfer from CMC to FTS process or other catalytic
reactions is not considered.

2021
Dong, et al.[29]

1) Numbering up and sizing up strategies of the micro-
and milli-reactors

2) Scaling factors based on dimensionless numbers

(+) Numbering up: design experience for even flow distribution was
summarized.

(+) Sizing up: theoretical scaling factors of residence time distribution,
mixing performance, heat transfer, and mass transfer were discussed.
(−) Parameterization for distinct catalytic reactions is not considered.

2022
Harris, et al.[30]

1) Heat transfer and thermal management in the mi-
crochannel reactors

(+) Summarized effects of materials (working fluids,
nanofluids/nanoparticles, and surface treatment/manipulation),

experimental elements (flow boiling, phase change, flow resistance,
thermal resistance, and manufacturing techniques), and design

(aspect ratios, geometry/shape manipulation, barriers, and pin-fins).
(−) Design principles for FTS process and the feasibility of

parameterization for other catalytic reactions are not discussed.

2022
Teimouri, et al.[31]

1) Computational fluid dynamics for FTS
2) Slurry bubble column reactors, fixed-bed reactors, cir-

culating fluidized beds, membrane reactors, and mi-
crochannel reactors

3) Empirical and semi-empirical kinetic models

(+) Simulation experience (kinetic models, parameterization, etc.) for
FTS microreactor was presented.

(−) Design principles for FTS process are not scoped.

2024
Apolinar-
Hernández,
et al.[18]

1) Market, material, reactor, process, and reactionmech-
anism for low-temperature FTS

(+) General introduction of advantages and challenges for fixed bed
reactors, slurry reactors, and microreactors.

(−) Design principles for FTS process are not scoped.

2024
Yadav, et al.[32]

1) Autothermal conditions achieved in microreactor for
steam reforming

2) Considerations for numerical models
3) Effects ofmicrochannel design, catalyst and operation

conditions on steam reforming performance based
on numerical findings

(+) Trends analysis on the effects of microchannel structure, aspect
ratio, shape, dimension, manifolds, catalysts, operation conditions

and materials on flow and temperature distribution based on
numerical examples for endothermal reaction were presented.

(−) Engineering design strategies are not discussed.
(−) Design transfer to the FTS process or other catalytic reactions is not

discussed.

2025
Ganjkhanlou,
et al.[17]

1) Low-temperature FTS using microreactor for bio-
syngas conversion

2) Structure, shape, materials of microreactor, catalyst
and loading, cooling methods for effective heat dis-
sipation

(+) Existing experiences of heat management for low-temperature FTS
were mainly focused.

(−) Effects of mass transfer, fluid dynamics on microreactor design are
not scoped.

(Continued)
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Table 1. (Continued)

Refs. Main topics Contributions and knowledge gaps regarding reactor design

Current review 1) Summary of design strategies for FTS microreactors
2) Considers various reactor types e.g., packed bed and

the wash-coated under forms of microchannel and
microtube, micro-monolith, and micro-structured re-
actor

(+) FTS microreactor design strategies considering heat transfer, mass
transfer, flow field and pressure drop, and residence time distribution
for cross section, channel geometry/arrangement, reactor materials,

catalyst dimension, microstructure, operation conditions.
(+) Design extension for other catalytic processes is discussed.
(−) Detailed design methodologies are excluded from the scope.

Thus, there is an immediate need for a comprehensive design
strategy for the FTS process.
Motivated by the current knowledge gap regarding microreac-

tor design for FTS, this review starts with a summary of design
strategies for the FTS process considering heat transfer, mass
transfer, pressure drop, residence- and contact time. Dimension-
(cross section, channel geometry, channels arrangement, vol-
umetric/surface structure, particle size/catalyst thickness, mi-
crostructure), material- (reactor materials, catalytic support ma-
terial), and operation-related (catalyst loading method, pressure
drop, residence time distribution) parameters are summarized,
and scaling-up strategies are also discussed. Later, the design ex-
tension from FTS to other catalytic reactions is theoretically dis-
cussed. Limitations in experiments and simulations in the lit-
erature and challenges will be noted, and future directions for
investigations of microreactor design are suggested. It is noted
that, though the detailed design methodologies are excluded in
the current review, it is our hope that this review might serve
as an engineering guide for the design of catalytic microreactors
and spur more detailed research into design parameters and dif-
ferent catalytic applications. For the sake of space, topics related
to microreactors such as detailed catalyst mechanisms, catalyst
preparation, operation schemes, economic constraints, and strict
safety constraints are also excluded in this review.

2. Fischer–Tropsch synthesis in Microreactors

Microreactors are distinguished from industrial/large-scale FB,
SB, and CFB reactors in several features:
Heat transfer in microreactors by thermal conduction is more

dominant than by convection due to the laminar flow pattern (as
elaborated in the following sections). Also, due to the short heat
transfer lengths inside the channels, the cross-sectional tempera-
ture distribution of microreactors is almost homogeneous. Tem-
perature gradients mainly exist along the flow direction as the
reaction progresses along the reactor (e.g., temperature increase
due to the exothermic reaction of FTS process). However, with a
combination of small dimensions and optimized heat exchange
design (i.e., active thermal management as elaborated in the fol-
lowing sections), microreactors can potentially achieve isother-
mal conditions across the whole reactor. Thus, all the catalysts in
the microreactor can run at an optimal temperature, thus max-
imizing the utilization of catalysts, maximizing production, en-
abling higher control of product selectivity, and enhancing cata-
lyst stability.
Moreover, microreactors also have advantages of short diffu-

sion lengths of reactants and products to and from the catalyst
active sites, mitigatingmass transfer limitations and allowing the

catalysts to potentially operate at peak efficiency.[33] Additionally,
the typical flow pattern in microreactors is laminar, such that flu-
ids follow along smooth paths in layers, with each layer passing
by the adjacent layers with little or nomixing. Instead, radial mix-
ing is dominated by diffusion. Thus, increasing the mixing effi-
ciency while preserving a relatively low pressure drop in a mi-
croreactor can be challenging for the design. Further, due to the
absence of dead volumes and overall small dimensions, the RTD
in the microreactor is quite narrow with Pé > 102 (see following
sections) compared to the large-scale reactors (e.g., slurry bed re-
actor: Pé< 10−2–100).[34,35] Ensuring a narrow RTD canminimize
unwanted subsequent reactions while sustaining sufficient reac-
tion time for high conversion to the desired products.
Those features of heat-, mass transfer, and fluid dynamics

characteristics of a reactor can be described by various dimen-
sionless groups, which are also often used as scaling factors[29]

as well as the key criterion for comparison of different reactor se-
tups. The dimensionless groups commonly used for microreac-
tors include the Reynolds number, the Nusselt number, the Biot
number, the Sherwood number, the Schmidt number, the Boden-
stein number, the Péclet number and the Damköhler number.
The range of these dimensionless numbers, definitions of Mears
criterion and Thiele modulus, equations for pressure drop and
mean residence time are introduced and given in Section 2.1; de-
sign parameters (e.g., hydraulic diameter dh) related to those di-
mensionless numbers for heat transfer, mass transfer, pressure
drop and residence/contact time and distribution for mainly FTS
are summarized and discussed in Sections 2.2 and 2.3. Based
on the summary, design boundaries for FTS microreactors are
underlined, and overall design comparison among different cat-
alytic reactions is presented in Section 2.4.

2.1. Theoretical Background

Reynolds number, Re, is the first basic dimensionless number
for descriptions of heat transfer, mass transfer, and flow hydro-
dynamics in reactors, with:

Re =
𝜌fufdh
𝜇f

(5)

where 𝜌f and µf are the density [kg⋅m−3] and viscosity [Pa⋅s] of
the fluid, uf is the flow velocity [m⋅s−1] and dh is the hydraulic
diameter [m] (see Equation (4)). Re describes the ratio between
inertial and viscous forces and is affected by fluid temperature,
velocity, and microreactor size. Re ranges commonly from 100 to
102, indicating a laminar flow pattern,[36] whereas Re for large-
scale reactors (e.g., CFB) is much larger than 2000 in order to
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cause flow turbulence. Design of microstructure and/or rough-
ness could, however, lead to a change of transition between lam-
inar and turbulence,[37] due to the occurrence of secondary flows
or local vortices in the microreactor. Related to FTS process, the
existence of liquid film may cause large disturbance waves at Re
> 400 inside vertical tubes.[38]

TheNusselt number,Nu, andBiot number,Bi, are usually used
to describe the heat transfer phenomena in the fluid as well as
in the adjacent solids (i.e., reactor wall, catalyst, and/or catalytic
support), with:

Nu =
hfdh
𝜆f

(6)

Bi =
hfdh
𝜆w

(7)

where hf is the convective heat transfer coefficient [W⋅m−2·K−1] in
the fluid; 𝜆f and 𝜆w are the thermal conductivities of the fluid and
solid wall [W⋅m−1·K−1], respectively. As seen from Equations (6)
and (7), Nu is the ratio of convective to conductive heat trans-
fer at the boundary in a fluid while Bi is the ratio of the ther-
mal resistance for conduction inside the solids to the resistance
for convection at the surface of the solids. Due to the strong
correlation to Re number and micro dimension of the reactor,
both numbers are in the range of 100–101. By increasing sec-
ondary flows or vortices in the laminar flow field, Nu increases;
with increasing 𝜆w, reduces Bi, i.e., the temperature distribu-
tion in the solids is more uniform than that in the fluid. To
achieve isothermal conditions, careful design of reactors, cata-
lysts, operational conditions, etc., should lead to large Nu and
small Bi.
Mass transfer is commonly described by the Sherwood num-

ber, Sh, the Schmidt number, Sc, as well as the Bodenstein num-
ber, Bo, or Péclet number, and is estimated by Mears criterion
and Thiele modulus.
Sh characterizes the ratio of total mass transfer rate from con-

vection and diffusion to the rate of diffusive mass transport and
has a strong correlation to Re and Sc:

Sh =
hm
De

dh

(8)

where hm represents the total mass transfer rate [m⋅s−1] and
De represents the effective diffusivity [m

2⋅s−1]. Sh is also known
as the mass-transfer Nusselt number, while some researchers
refer to it as the Biot number for mass transfer, Bim.

[39] The
Sc number physically describes the ratio of relative thick-
ness of the hydrodynamic layer and mass-transfer boundary
layer:

Sc =
𝜇f

𝜌fDe
(9)

Though it is widely believed that mass transfer resistances are
negligibly small in a microreactor, modelling considerations for
Sh and Sc and effective diffusivityDe are quite complex. It is note-
worthy that due to its laminar flow pattern the difference in gas
diffusivities and/or solubilities (i.e., H2 and CO for FT process)

may have a large impact on catalyst performance in the microre-
actor. For example, one simulation study showed thatmass trans-
fer diffusion resistances strongly affect the selectivity and activity
of catalysts.[39] Owing to the fact that the accessibility of all re-
actants upon catalyst active sites is different, and thus, it could
result in performance deviation from the ideal reactor model,
where mass transfer limitation is not considered, and all gas
species are equally transported to the catalyst.
Apart from diffusion on a micro scale, the reactants and prod-

ucts experience lateral and axial dispersion in the reactor on a
macro scale. The Bodenstein number (Bo, sometimes also re-
ferred as Péclet number, Bo = Pé L/dh) describes the axial disper-
sion and thus the extent of back-mixing in a reactor.[40] In Equa-
tion (10),Dax is the effective axial dispersion-diffusion coefficient
[m2⋅s−1], which comprises all effects of back-mixing, e.g., radial
velocity profile in laminar flow, molecular diffusion, eddies, and
vortices.

Bo =
ufdh
Dax

(10)

According to Equation (10), a small Bo indicates a large axial
dispersion and diffusion, and correspondingly, a broad RTD. The
common threshold for an assumption of “ideal plug flow reac-
tor (PFR)” for the microreactors is Bo ≥ 102,[29,41,42] and Bo num-
ber drops dramatically in larger reactors. In principle, PFRs with
a narrow RTD are usually desirable. To reduce the axial disper-
sion, microstructures are introduced in the reactor, generating
chaotic secondary flows that enhance radial mixing and thus dis-
turb the laminar flow profile. However, the microstructure of the
catalyst/reactor surface/catalytic support should also be carefully
designed to avoid large externalmass transfer resistance. For this,
the Mears criterion[43] is typically used to estimate the external
mass transfer resistance of a catalyst. Mears number M is the
mass transfer rate relative to the intrinsic rate with no transport
limitations around the catalyst. External mass transfer resistance
is negligible if the following relationship holds:

M =
−r𝜌cat.dpn

kC
< 0.15 (11)

where r is the reaction rate [kmol⋅kgcat
−1⋅s−1], 𝜌cat. is the bulk den-

sity of the catalyst [kg⋅m−3], dp is the radius of the catalyst parti-
cle [m], n is the reaction order, k is the mass transfer coefficient
[m⋅s−1], andC is the bulk concentration of the reactant [mol⋅m−3].
On the other hand, the dimensionless Thiele modulus Φn is

often used to estimate internal diffusion limitations within a
catalyst.[44,45] As shown in Equation (12), the Thiele modulus is
the square root of the ratio of the surface reaction rate to the
rate of diffusion through the catalyst. Large Φn indicates that in-
ternal diffusion limits the rate of the reaction, and typically, Φn
less than 1 suggests negligible internal diffusion limitation of the
catalyst.

𝜙n = L

√
𝜌cat. (−r)
DeC

(12)
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The Damköhler number (Da) is also extensively applied for re-
actor design, and it relates the chemical reaction rate to the mass
transport rate in a reactor, such as volumetric flow rate.

Da = reaction rate
mass transport rate

(13)

Generally, the lateralDa number (or secondDa number, which
designs the cross section of a reactor) is smaller than 10−1, so that
the cross-sectional concentration gradient is relatively small for
the microreactors. Due to the small dimension of microreactors
(with dh of 10

−2–101 [mm]) as well as the high gas diffusivityDa≤

10−1 is not difficult to achieve. Conversely, for large-scale reactors
a small concentration gradient is difficult to maintain, since cata-
lyst activity does not increase linearly with the reactor dimension.
Thus, increasing mass transport rate via flow turbulence to min-
imize mass transfer resistance is often aimed during the design
of large-scale reactors, e.g., SB and CFB, yet, this may also lead
to an enormous rise in pressure drop, e.g., in FB. On the other
hand, the lengthwise Da number (or first Da number, which de-
signs the length of a reactor or catalyst bed) is usually ≥ 100–101,
thus the reactants have sufficient residence/contact time in the
reactor.[34,46,47] This criterion for both large- and small-scale re-
actors should be maintained, however, for slurry bed reactors, ≥

101–102 may be needed due to their large degree of back-mixing.
Pressure drop is an integral observation of fluid dynamics in

the reactor. The Ergun equation[48] is often used to describe the
pressure drop in packed-bed reactors for both large- and small-
scale reactors:

ΔP
Lcat.

= E1
(1 − 𝜀)2

𝜀3

𝜇fuf
dp

2
+ E2

(1 − 𝜀)
𝜀3

𝜌fuf
2

dp
(14)

where E1 and E2 are viscous and kinetic constants, respectively;
𝜖 and Lcat. are the porosity (or holdup) of the catalyst bed and
the length of the catalyst bed, respectively. Nevertheless, the Er-
gun equation was found to be valid only for narrow size distri-
butions of particles, spherical particles, and fails to predict pres-
sure drops when wall-channeling effects (since the near wall ve-
locity of the fluid differs from that at the center of the packed bed)
are strong.[49] Therefore, separately, the pressure drop for a wash-
coated channel is usually derived from the Bernoulli equation:[50]

ΔP
Lm.r.

= C′

Ren
⋅
𝜌f

2dh
uf

2 (15)

whereC′ and n depend on the flow conditions and channel geom-
etry,C′/Ren is a friction factor, Lm.r. is the reactor length. It should
be noted also, when catalyst dimension is within the same mag-
nitude of reactor dimension, i.e., dp ∼ dh, pressure drop should
be calculated by Equation (15).
Residence time indicates hydrodynamic residence time, which

describes the time duration that the reactant molecules/atoms
spend in the gas/liquid phase of the reactor (or control volume),
and residence time distribution (RTD) is usually applied to de-

scribe a reactor without involving reaction. The mean residence
time (𝜏, s) of RTD is calculated as:

𝜏 = V
𝜐

(16)

where V is the free vessel volume [m3] (no dead volume in the
reactor) and v is volumetric flow rate [m3⋅s−1].
Dimensionless numbers, as compared inTable 2, though a few

of them apply similarly for both large- and small-scale reactors,
indicate that the phenomena of heat-, mass transfer, and hydro-
dynamics in microreactors are quite different from large-scale
reactors, and thus the design principle should also be applied
differently. Detailed design parameters related to those dimen-
sionless numbers for microreactors, e.g., cross section, channel
geometry, channels arrangement, volumetric/surface structure,
particle size/catalyst thickness, microstructure, reactor materi-
als, catalytic support material, catalyst loading method, pressure
drop, residence time distribution, will be focused and summa-
rized and their role in the design of FTS microreactors discussed
in the following sections.

2.2. Categories of Microreactors

Before diving into the summary of design strategies for microre-
actor, the definitions and classifications should be clarified. The
definitions of “micro-” for the microreactors in the literature are
scattered, e.g., a channel with width in the magnitude of 102

mm is notified as microchannel in some works.[51] Currently,
in the present literature, terms such as “microchannel”, “micro-
structured”, “micro-monoliths” are often used to describe differ-
ent reactors, but an inconsistency of the assignment prevails. For
clarity in this review, the term microreactor is collectively used
to describe various “micro” reactors with dh of 10

−2–101 [mm]
which are further categorized into microchannels, microtubes,
micro-monoliths, and micro-structured reactors, as illustrated in
Figure 2.
The cross sections of the microchannels are often rectangular

and the aspect ratio (i.e., 𝛼 = Wm.r.

Hm.r.
, the ratio of width to height of

the channel) ranges from 100 to 101,[30] which means the height
of the microchannel is usually the smallest dimension. Other
designs, e.g., trapezoidal- and triangular cross sections, are also
categorized as microchannels in this review.[52] The characteris-
tic dimensional parameters are height, width, length, and/or hy-
draulic diameter. The flow path of the reactant and product is
usually straight, however, zigzag-,[53,54] sinusoidal-[55,56] and other
complex[57] designs also exist.
The cross-section of amicrotube is either circular or annular.[4]

The characteristic dimensional parameters are the inner diame-
ter (i.d.) and/or annular gap distance. Themain distinguishment
between microchannel and microtube is the corner effects: the
cross-sectional Sherwood number Sh at Pé < 1 as well as friction
factor C′/Ren (refer to Equation (15)) for circular shape are larger
than for the shapes with corners.[58–60] Both multi-microchannel
or -tube reactors often consist of parallel arrangedmicrochannels
or -tubes and all units are assumed to have identical performance.
The scale of the monolith body is 101–102 [mm], but the cross-

section of the channels in themonolith is 10−1–101 [mm], as seen
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in Figure 2c. Some researchers also refer to micro-monolithic
reactors as micro-structured reactors.[5] The commonest cross-
sectional geometry of monolith channel is square, but round and
triangular designs also exist.[28,61] The characteristic dimensional
parameters are the hydraulic diameter of the channel and the cell
density (i.e., cells per square inch, cpsi). The cell density ofmicro-
monoliths ranges from 1200 to 200 cpsi, corresponding to a hy-
draulic diameter of 0.3 to 0.8 [mm], implying that the greater the
cell density, the smaller the monolithic channel.
Microstructures in a mm- or cm-scale reactor (usually cut as

cylinder shape) refer to the 3D random or periodic structures,
where straight flowing paths do not exist, and the reactant and
products are forced to change their flow direction according to
the microstructures. Typical examples of microstructures in the
literature are foams[62,63] and cross flow structures (including
open cross flow structure, OCFS, and closed cross-flow struc-
tures, CCFS, see Figure 3).[64,65] The characteristic dimensional
parameters are the hydraulic diameter of the micro “pore” and
the pore density (pores per square inch, ppsi). The pore density
of the foam structure is around 50 ppsi, corresponding to pore
hydraulic diameters ranging over 0.3–0.8 [mm]. Other examples
of random 3Dmicrostructures are presented in Figure 3a–d, and
these can be grouped into those with surface-wise 3Dmicrostruc-
ture (in Figure 3a,b), and volume-wise ones (c and d).
Unlike microchannels and microtubes, where the cooling

channels can be located next to the microreactors, no cooling is
conducted within the micromonolith and microstructures (reac-
tor cross-sectional dimension could be > 102 [mm]), though the
channel walls can serve as a guide for the flows of heat transfer
media.[61,71] Therefore, the heat transfer properties between mi-
crochannel/microtube and micromonolith/microstructures can
be very different and should be well considered during reactor
design.
Catalyst loading methods in different microreactors (see

Figure 2) can be further sorted into packed-bed and wash-coated,
as presented in Figure 4.
In a packed bed, the catalyst is randomly packed in themicrore-

actor. Though packed bed loading is widely used, it suffers from
various shortcomings: severely limited inter- and intra-particle
mass and heat transfer, thus hot spot formation, high pressure
drop, and poor drainage of, especially, FT liquid products. The
main reason is that its high ratio of volume to wall area can result
in less effective heat removal. Instead of randomparticle packing,
structured packings via microstructures (see Figure 2c,d) have
been proposed to increase heat transfer and decrease the pres-
sure drop, consequently enabling the packing of smaller catalyst
particles, reducing the intra-particle mass transfer.[62,64] Exam-

ples of packing structures (e.g., monolith, OCFS, and CCFS) are
given in Figure 3.
For wash-coating, the catalyst is loaded in the reactor

by applying stable slurries of the catalyst with small parti-
cle sizes, i.e., ≈100–101 [μm], to the reactor walls, then fix-
ing them by calcination. Since the catalyst is directly loaded
onto the reactor walls, efficient heat removal can be re-
alized and the flow in the reactor has a laminar profile.
Wash-coated microreactors own intrinsic advantage on low-
ing pressure drop in magnitude of 10−3 [bar⋅m−1][61] and
thus intensify catalyst utilization[61] as well as heat transfer,[72]

though the total catalyst loading is much lower than packed-
bed ones. However, increasing catalyst thickness could trigger
large mass transfer resistance and further affect the catalyst
performance.[63,73]

Owing to the fact that the vast majority of microreactors stud-
ied in the literature are of the microchannel type, and thus, the
summary in the following sections focuses more on this type.
However, where cited experimental investigations and simula-
tion models use other types of microreactors, this is mentioned.

2.3. Design Strategies

An overall schematic of design strategies in this section is pre-
sented in Figure 5. We summarize and discuss reports on the
findings of the key criteria under each design item (i.e., heat
transfer, mass transfer, pressure drop, and residence/contact
time and distribution) for mainly FTS. However, as seen in
Figure 5, some parameters, e.g., dimension and geometry of re-
actor and of microstructures, for individual design items may
overlap with other items, which means that the design of these
parameters should reconcile the conflicting requirements of sev-
eral aspects. Therefore, the related design parameters will first
be separately discussed in each section and their design bound-
aries be summarized in the last section.We close by a preliminary
comparison for design transfer from FTS to other syngas-related
processes from the engineering perspective as well as examples
of existing scaled-up set-ups.

2.3.1. Heat Transfer

Reactor design with prudent considerations on heat transfer is
imperative to avoid the formation of hot spots and/or thermal run
away, and furthermore, to intensify the production and to allow
drainage of waxy products. To address this, the following design

Figure 2. Types of microreactors: a) microchannel; b) microtube; c) micro-monolith; d) micro-structured reactor.
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Figure 3. Examples of 3D microstructure. a) Surface-wise micro-structured plate (e.g. etched stainless steel in ref. [66]); b) Foam microchannel plate
(e.g. metal foam microchannel in ref. [66]); c) Volume-wise micro-structured packing (e.g. aluminum-foam packing in ref. [67]); d) Volume-wise micro-
structured packing (e.g. knitted wire packing in ref. [68]); e) Surface-wise micro-structured-pillar plate (e.g. microstructured foils in ref. [19]); f) Surface-
wise micro-structured-pyramid plate (e.g. microstructures on thin film in ref. [69]); g) Surface-wise micro-structured-pillar plate (e.g. silicon-pillar mi-
crostructure in ref. [70]); h) CCFS packing element (e.g. in ref. [64]); and i) OCFS packing element.

aspects must be considered, including cross section, channel ge-
ometry and arrangement, microstructure, as well as the selection
of materials of the reactor wall and the catalyst support.
Cross Section: Two aspects need to be considered in terms of

“cross section” design of the microchannel reactors namely, the
geometry and the dimension.
With respect to geometry, the majority of the microchannels

are designed with a rectangular cross section, though some are
circular, trapezoidal or triangular. Each design may present a dif-
ferent temperature profile distribution. Based on the 3D simu-
lation, Ramanathan et al.[74] suggested that sharp corners have
high localDa number, which leads to uneven temperature distri-

Figure 4. Catalyst loading methods showing a) packed-bed and b) wash-
coated microchannel.

Figure 5. Schematic of design strategies.
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bution across the cross section, while circular and hexagon ge-
ometry could cause a lower average wall temperature. On the
other hand, simulation results by Gunnasegaran et al.,[52] com-
paring the heat transfer among rectangular, trapezoidal and tri-
angular microchannel reactors with parallel arrangement, in-
dicated that the rectangular geometry has a higher heat trans-
fer coefficient at the same Reynolds number. It is mainly be-
cause rectangular geometries can facilitate large contact areas
between microchannels and cooling channels (i.e., top and base
surfaces, relating to width W), while minimizing heat exchange
with other parallel microchannels (i.e., side surfaces, relating to
height H, and W ≥ H), compared to trapezoidal and triangular
geometries.
Dimensions are typically described by the height/diameter

of the section and/or the aspect ratio. The height (Hm.r.) of
the rectangular cross section is commonly in the range of 0.5–
2 [mm],[13,14,51,55,75–78] although some smaller (Hm.r. = 0.1–0.25
[mm])[52,56,57,79–83] and some larger (Hm.r. = 3–8 [mm])[14,84,85] have
also been reported. Typically, the aspect ratios (𝛼 = Wm.r.

Hm.r.
) of mi-

crochannel reactors are in the range of 0.5–3. Experiments and
simulation results show that the cross-sectional temperature dif-
ference in rectangular 10 [mm] × 5 [mm] (Wm.r. ×Hm.r.) FTS mi-
crochannels can be within 3 [°C] or 0.06 [°C⋅mm−2].[84] And it is
generally believed that the smaller the cross-section, the smaller
the temperature difference, thus, cross-sectional temperature dif-
ference is seldom reported andmicrochannel reactors with cross-
section dh 10

−2–101 [mm] is mostly treated as 1D reactor (see
Table 6), i.e., isothermal condition in the radial direction.
In short, for small cross-sectional temperature/concentration

gradients, sharp corners should be avoided; for better heat re-
moval, when using cooling channels, a rectangular geometry
is more ideal and practical. Considering the trade-off between
cross-sectional temperature distribution and heat transfer capac-
ity, rectangular geometry with 𝛼 = 0.5–3 and Hm.r. ≤ 5 [mm]
seems to be appropriate in microchannel reactors.
Length: Possible large temperature gradient exists in axial

direction of the microreactors compared to radial direction, as
the FT reaction continues and different CO conversion level as
well as product selectivity, thus different reaction heat release,
exist along reactor length. Longer reactors have a larger heat
exchange surface, nevertheless, it should be noted that the to-
tal length of microreactors may in some cases be longer than
the length of the walls in contact with the catalyst, Lm.r. ≤ Lcat.
Mostly, when the catalyst is loaded directly on the reactor walls
by wash-coating, Lm.r. = Lcat.

[51,53,55,75–77,79,80] However, when the
catalyst is packed in reactor volume or is wash-coated onto a
microstructure which is inserted in the reactor, (0.5–1.0)Lm.r. =
Lcat.

[10,13,65,71,84,86–88] To reduce complexity, this review addresses
effects related to the length on which the catalyst is applied in the
reactor.
For sufficient heat transfer and efficient reaction, the length

of the microreactor should be designed according to the amount
of heat removed as well as the residence time needed for chem-
ical reaction.[89] The lengths of FTS microreactors reported in
the literature on investigations of heat transfer, range from
50 to 600 [mm], including microchannel reactors and other
types,[13,14,52,57,74,76,77,81–83,88] and they seem to claim to be free
from thermal runaway. Deshmukh et al. experimentally com-
pared four differentmicrochannel reactors (length of reactor: 70–

635 [mm], length of catalyst: 38–619 [mm], hydraulic diameters
of cross section: 1.4–1.8 [mm]) for FTS.[13] They found that at typ-
ical FTS conditions, the catalyst contact time of 209–355 [ms], cor-
responding to space velocities of 10 000–17 000 [h−1], yields CO
conversions of 60–70%, with a CH4 selectivity of 7–10% and aC5+
selectivity of 80–87%, while the temperature difference along the
reactor length was kept below 2 [°C] regardless of whether the re-
actor length was 70 [mm] or 635 [mm]. They thus concluded that
in their case, the channel length does not affect the catalyst per-
formance. Indeed, by changing operating conditions, e.g., space
velocity, as also in their experiments, to achieve nearly isothermal
condition, differentmicrochannel dimensions can perform simi-
larly. However, the length ofmicrochannel should be constrained
due to the temperature rise as well as heat evolution which re-
sults from the change of CO conversion along the length. Thus,
based on reported reactor design, it seems practically feasible to
control small temperature gradients by applying reactor lengths
within magnitude of 102 [mm], which, of course, might vary due
to operation conditions and applied microstructures (e.g., tem-
perature difference around 0.002 [°C⋅mm−1] along length of a
packed-bed FTS reactor is reduced to around 0.001 [°C⋅mm−1]
due to the CCFS packing structure in the reactor, based on one
simulation study [64]).
Although most channel geometry designs are straight, other

designs, e.g., zigzag,[53] sinusoidal[55,56] and complex[57] shapes,
are proposed to enhance flow turbulence and heat transfer.
The main idea is to bring parts of the channel with differ-
ent temperatures together, shorten distance for heat transfer
and simultaneously create flow turbulence. However, such ge-
ometric effects on Nu number/heat transfer coefficient are
limited,[55] since the flow pattern in the microreactor is usu-
ally laminar. For the FTS process, complex-geometry chan-
nels are seldom mainly because of the difficulty of the
liquid-product drainage. Therefore, straight channels are pre-
ferred, which is also favorable from the manufacturing point
of view.
Microstructure: Examples of 3D microstructures (i.e.,

random- and controllable structures) are shown in Figure 3
and they can be applied as catalyst supports, reactor surface or
structuring packing. The ratio of the height of the microstruc-
tures or roughness element and the height of the channel (i.e.,
Hm.st./Hm.r., illustrated in Figure 6) is applied in this review.
Simulation results from Zhai et al. (Hm.st./Hm.r. = 200 [μm]/400
[μm]),[57] Dharaiya et al. (Hm.st./Hm.r. = 50 [μm]/400 [μm]),[83]

Foong et al. (Hm.st./Hm.r. = 134 [μm]/200 [μm])[81] and Copiello
and Fabbri (Hm.st./Hm.r. = 0.75)[90] concluded that microstruc-
tures (as roughness elements) could enhance the heat transfer
of the microreactors. It is mainly because that microstructures
of Hm.st./Hm.r. > 10−1 could cause flow-profile changes and
even early occurrence of the turbulence.[37] Two studies on
microstructured reactors with powder catalyst packed between
micropillars (Hm.st./Hm.r. = 400–750 [μm]/800–1200 [μm], illus-
trated as Figure 3f,g were tested under FTS conditions, found
that the chain growth probability was affected by the width of
the reactor slit with only a slight temperature gradient.[19,91]

However, no benchmark experiments were done to compare the
effects of the micropillars on the FTS performance as well as
temperature distribution. Nevertheless, it can be concluded from
the current experience that a surface roughness of Hm.st./Hm.r.
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Figure 6. Schematic of a microchannel depicting height of the channel and the height of microstructures or roughness.

= 0.35–0.75 could cause changes in the flow profiles, which
to some extent enhance heat transfer, without significantly
increasing the pressure drop.
Furthermore, 3D microstructures such as micromonoliths in

the reactor can serve as catalytic support and heat transfer me-
dia. A set of simulations for OCFS and CCFS structures in FTS
packed-bed reactors were carried out.[64,65] The results indicated
that the packing structures increase the uniformity of the temper-
ature distribution along reactor length and decrease the pressure
drop compared to randomly packed bed. Thus, they suggested
the particle size for the packed bed with OCFS and CCFS struc-
tures can be smaller compared with the randomly packed bed,
which can increase catalyst loading and catalyst contact surface,
and consequently improve the space time yield.
Reactor Wall and Catalyst Support: The materials applied for

the reactor wall and/or catalytic support also have influence on
the heat transfer property of the microreactors.
Common reactor wall materials are stainless steel (grade

AISI/SAE 304 and AISI/SAE 316), alumina, silicon carbide
(SiC), FeCr alloy, titanium, etc. Hosukoglu et al. modelled and
simulated the thermal profiles of FT wax hydrocracking pro-
cesses (∆HSTP = –42 [kJ⋅mol−1]) using AISI/SAE steel (Thermal
conductivity: 44.5 [W⋅m−1⋅K−1]), alumina (27 [W⋅m−1⋅K−1]) and
SiC (87 [W⋅m−1⋅K−1]) as channel walls.[77] They found that the
temperature rose versus the feeding temperature as 10, 3 and 0
[°C] for alumina, steel and SiC walls, respectively, along the 0.1
[m] microchannel under typical operation conditions, confirm-
ing that high thermal conductivity of the channel walls enables a
high rate of heat removal from the reaction channel, thereby pre-
venting steep temperature rises along the channel. Nevertheless,
the choice of materials for better heat transfer is often a compro-
mise among achieving high thermal conductivity, maintaining
mechanical strength, robust inertness, pressure tolerance, corro-
sion resistance and minimizing capital cost, especially as the re-
actor scales up. Additionally, a wall thickness in the 3–4× 10−4 [m]
range is recommended by several simulations on FT wax hydro-
cracking reaction,[77] coupled combustion/steam reforming[92]

and FTS/cooling.[93] These indicate that thicker walls favor the
heat flux in the flow direction of the solid wall and thus slow
down the rate of temperature rise versus the feeding tempera-
ture along the channel. However, several experimental setups use
thicker walls of 1–3 × 10−3 [m][13,63,94] since from the practical op-
eration point of view, the wall thickness of the reactor should also
guarantee a safety threshold of high-pressure difference between
reaction and cooling sides ∆P up to 30 [bar]). Thus, based on cur-

rent experiences, a reactor wall with high thermal conductivity
and thickness of 1 × 10−3 [m] is recommended to reduce the risk
of hot spot formation along the microchannel/microtube.
Scaling Up: Sizing up and numbering up are the common

strategies for scaling microchannel and microtube reactors.[29]

For sizing up, dimensionless groups such as Nu and Re num-
bers are usually considered as scaling criteria,[29] however, mi-
croreactor scaling up via cross-sectional sizing up is usually only
limited within magnitude of 10−2–101 [mm]. This restraint is
mainly to maintain the heat-transfer property of the microchan-
nel and -tube. Analytic results from Kockmann et al.[95] and
Chabot et al.[10] suggested that, for exothermic processes, there
exists a critical hydraulic diameter of cylinder-shape reactors be-
low which thermal runaway is avoided, and reactions with a char-
acteristic reaction time below 1 [s], a diameter of 0.5–1.0 [mm] is
favorable. Specially for FTS, a simulation work for the packed-
bed microtubes (25%Co/0.1%Pt/Al2O3: 90 [μm]; space velocity:
20 [gsyngas⋅min−1⋅kgcat

−1]; cooling temperature: 493.15 [K]; molar
ratio H2/CO = 2; reaction rate ≈ 5 [s]) shows that a diameter <
3.12 [mm] is favorable. Besides, another experimental work sug-
gests that themicrochannels with a cross section of dh = 6.6 [mm]
for FTS process can sustain a cross-sectional temperature differ-
ence ≤ 3 [°C].[84] Thus, scaling-up of microreactors for sizes be-
yond these dimensions usually requires numbering-up, as dis-
cussed in the following.
During numbering up, heat removal can become crucial for

exothermal reactions such as FTS process, since reaction heat
from each microchannel or -tube may be accumulated and
thus hot spot could be formed. Most of lab-scale single-channel
set-ups seldomly apply active cooling strategies, expect a few
studies,[13] owing to the fact that the heat release from restricted
catalyst loading in one single channel or tube is limited. Gener-
ally, both the heat management of the numbering-upmicrochan-
nels and the coolant channels for highly exothermic processes re-
quire optimal arrangement for an efficient FTS process. For this,
three flow configurations, i.e., counter-current (flow directions of
reactants and coolant are counter), co-current (flow directions of
reactants and coolant are same) and cross-flow (flow directions
of reactants and coolant are vertical), as illustrated in Figure 7,
are summarized in one review elsewhere[27] and are reckoned
as common strategies for effective heat exchange. Further exper-
imental and simulation results reveal that the counter-current
flow configuration has high heat exchange capacity and high
temperature difference, while the co-current one has lower heat
exchange capacity but more even temperature distribution.[27]
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Figure 7. Three arrangements of microchannels and cooling channels: a) counter-current, b) co-current, and c) crossflow.

The performance of the crossflow lies between that of counter-
current and co-current configurations. FTS pilot-scale or multi-
channels often use the crossflow configuration (see Table 5),
to achieve an acceptable trade-off between heat exchange ca-
pacity and temperature distribution. It should be noted that
the pilot-scale FTS microchannel reactors from Karlsruhe Insti-
tute of Technology (KIT),[96] Velocys, Inc.,[13] Ajou University,[84]

and Seoul National University[14,85] employed boiling water as
a coolant, instead of hot oil which is used in the laboratory
scale. One reason is that partial boiling conditions enable a large
amount of heat removal through the water phase change with-
out changing the coolant temperature too much, so that the re-
actor temperature also could remain relatively stable. However,
the technical or mechanical challenges of applying partial boil-
ing water as coolant are seldomly reported. Besides, uniformflow
distribution (of both reactant and coolant) across numbering-up
channels or tubes benefits the thermal performance and deter-
mines the efficiency of the heat removal/exchange. A summary
of the design of flow distributors can be found in one review
elsewhere.[29]

2.3.2. Mass Transfer

Mass transfer phenomena are complex in an FTS microreactor
since the material, energy, and momentum balance for the gas,
liquid, and solid phases as well as multi-phase mass transfer
(e.g., gas–gas, gas–liquid, liquid–liquid, gas–solid, and liquid–
solid) need to be considered simultaneously. A schematic for a
reaction-diffusion-dispersionmodel of a simple heterogenous re-

action process is given in Figure 8. From the macro-scale per-
spective, the reactants and products (gas and/or liquid) experi-
ence axial and lateral dispersion, while on a micro scale, the re-
actants undergo film diffusion – pore diffusion – absorption –
chemical reaction – desorption – pore diffusion – film diffusion.
Those processes could be even more complex in practice. As de-
scribed before, the small dimensions of microreactors provide
relatively short mass transfer lengths and thus excellent mass
transfer characteristics. Besides, the flow pattern in microreac-
tors is usually laminar, thus, “macro diffusion” or dispersion,
which are more relevant for reactors of larger dimensions (e.g.,
SB, CFB),[97,98] play a minor role in microreactors.
For “micro diffusion”, as seen in Figure 8, mass transfer of

reactants to the catalyst surface microreactors can be distin-
guished between: i) internal mass transfer, representing trans-
port of the reactant in the catalyst pores, and ii) external mass
transfer, representing transport of the reactant (gaseous) through
the phase (gaseous or liquid) films to the catalyst surface. In this
review, gas–gas mass transfer is excluded since in such small di-
mensions of microreactors, the gaseous phase can be assumed
as ideal gas (see Table 6), whereby further details are reported
elsewhere,[99] however, the external mass transfer resistance due
to the long-chain hydrocarbon, which is formed as liquid form,
is not trivial, whereby more reports could be found for catalyst
particles[100–102] while little information for wash-coated catalyst.
Simulation considerations of mass transfer resistances in FTS
microreactors are also not trivial (see Section 3.2), and indeed
FTS product distribution and catalyst activity are strongly influ-
enced by diffusion limitations,[39] especially after wax accumu-
lation in catalyst pores.[100] However, most catalytic experiments

Figure 8. Schematic of mass transfer in a heterogeneous catalytic reaction process. “diff”. is short for “diffusion”.
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are claimed and conducted in a regime of almost negligible mass
and heat transfer limitation so as to determine the kinetic limi-
tations and thus, offer limited information on the internal and
external mass transfer.[61,63,103,104]

Due to the complexity of mass-transfer phenomena, experi-
mental observations on CO conversion, methane and C5+ selec-
tivity can be counterintuitive for FTS process. Typically, in con-
ventional FB, the CO conversion decreases, and the methane
selectivity increases with increasing catalyst particle size, how-
ever, this behavior can be changed and even have opposite ef-
fects due to the change of local H2/CO ratio, liquid formation
and drainage as well as hydrodynamic behavior.[61] Therefore,
careful considerations of the mass transport within the catalyst,
to estimate the appropriate reaction rate and product selectivity,
are mandatory for development of simulation models that pre-
dict FTS reaction processes with acceptable accuracy. It should
be noted that internal mass transfer depends more on catalyst
design (e.g., material synthesis, etc., are excluded in this review)
than on reactor design. Thus, the following sections introduce
the design requirements of the catalyst dimension as well as mi-
crostructures in the reactor, channel wall surface and the catalyst
support.
Catalyst Dimension: The “catalyst dimension”, i.e., particle

size (for packed-bed reactors), shape and catalyst thickness (for
wash-coated ones), porosity, tortuosity, etc., can influence the
pore diffusion, reactant adsorption, product desorption and ac-
tive site exposure of the catalytic reaction. Inappropriate parti-
cle size can cause significant internal and external mass transfer
limitations.
The particle size of the catalyst in the packed-bed microre-

actors ranges from 30 to 2 [mm].[4,10,13,14,64,65,96,103,105–107] Gen-
erally, smaller particle size brings less external and internal
mass transfer limitations. For example, under typical FTS condi-
tions, the corresponding Mears number for an Fe-based catalyst
with a particle size 40 [μm] was found to be around 0.001,[103]

which is smaller than 0.15, thus, indicating negligible exter-
nal diffusional limitations. The calculated Thiele modulus un-
der typical FTS condition of a powder catalyst with porosity
0.65, surface area 85 [m2⋅g−1] and tortuosity factor 2 was found
0.11, which is less than 1, thus, indicating elimination of neg-
ative internal diffusion resistance.[103] However, from a practi-
cal perspective, particle sizes of 80–100 [μm] seem optimal to
minimize the mass transfer resistance in FTS without signif-
icant rise of capital cost and pressure drop and causing diffi-
culty for liquid drainage (see Section 2.3.3). When larger par-
ticles are required to further minimize pressure drops, the
catalyst pellets are coated with the active phase usually only
as an eggshell layer of around 100 [μm] thick for effective
catalyst usage.[106]

The thickness of the catalyst layer in wash-coated microreac-
tors also has a significant influence on the mass and heat trans-
fer and its values in literature range usually from 10 to 600
[μm],[51,53,54,61,63,73,76,107,108] and amongst many, a catalyst thick-
ness ≤ 100 [μm] seems optimal for the catalyst effectiveness and
heat removal in FT microreactors. Due to the compact catalyst
loading and the small size of the catalyst in the wash-coated
one the internal mass transfer limitation is more pronounced
than its external mass transfer limitation.[107] Thus, the effects
of microstructures upon the wash-coat surface on internal and

external (i.e., when liquid is formed) mass transfer resistance
are gaining increasing interest. Though a comprehensive and
exact matching correlation for the description of these effects
have not yet been developed, several researchers agree that fine
pores (e.g., nanometer-sized) of the wash-coated catalysts addi-
tionally hinder diffusion in the liquid phase,[109–115] due to the
increased external/internal mass transfer resistance and poor ac-
cess of the reactants to the catalyst active sites in the pores. Con-
siderably small microstructure (surface area: BET>103 [m2⋅g−1])
as catalytic support has been found to negatively affect catalyst
activity.[116] Becker et al.[117] suggested that for catalyst layers with
thickness 150–500 [μm], where mass transfer limitation is ev-
ident, transport pores with diameters of 1–2 [μm] in the layer
are necessary to minimize the mass transfer resistances. Fur-
thermore, for improvement of the diffusion inside the catalyst,
a bimodal pore structure is proposed by Xu et al.,[109] through
which larger pores can improve the accessibility of the catalyst
for the reactants, and smaller pores provide high surface area and
activity.
Nevertheless, it should be noted that catalyst pore size, poros-

ity, tortuosity and surface area are more of catalyst design than of
reactor design, though those parameters will to a certain extent
affect the reactor design. In this regard, more in-depth investiga-
tions are still needed.
Reactor Dimension: As mentioned previously, the small di-

mensions of microreactors provide excellent mass transfer char-
acteristics. It is an acceptable assumptionwhen gas–gas reactions
dominate, and catalyst activity is not infinitely fast.[60] For exam-
ple, the diffusion rate of water, one of the slowest diffusing prod-
ucts, is found to be around 5 orders of magnitude higher than
the observed reaction rate of CO/CO2 hydrogenation at FT rele-
vant conditions.[118] In this case, the second Damköhler number
Da across a cross section with a dimension of 35 [μm] is of the
order of 10−6, indicating negligible gas–gas diffusion resistance.
However, as the long-chain hydrocarbons, which are the main
FTS liquid products, are formed, the difference on partial pres-
sure, diffusivities and solubilities of reactants (i.e., CO and H2)
in the liquid can cause a change of local H2/CO ratio, meaning
accessibility of reactants to catalyst active sites is deviated from
the reactor bulk region and thus a shift of products distribution
as well as a change of heat release occur.
Generally, liquid drainage in wash-coated reactors is better

than in packed-bed ones; moreover, increasing gas velocity would
reduce the liquid film thickness. In one simulation work, the re-
sults indicate that the thickness of liquid film in a wash-coated
FTS microchannel reactor with a reactor length > 1 [m] is pre-
dicted > 10 [μm].[73] Thus, to avoid liquid products forming slug
flow regime, which blocks channel cross section and enhances
pressure drop, theminimal cross-sectional dimension of FTSmi-
croreactors seems to be at least dh > 50 [μm], or the height of the
rectangular channelHm.r. > 50 [μm].On the other hand, the liquid
drainage in packed-bed reactors needs to be optimized by particle
sizes as well as packing structures, which is further elaborated in
the next section.
Microstructures: As mentioned above, “microstructures” of

the reactor, opposed to the “microstructures” of the catalyst, refer
to the packing structures in the micromonolith and microstruc-
tured reactors in Figure 2c,d. They provide potential for uniform
temperature distribution as well as to decrease pressure drop (see
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Section 2.3.3). A comprehensive comparison of the effect of dif-
ferent diffusion lengths on FTS in the conventional packed-bed
reactor as well as packed-bed (various catalyst particle sizes) and
wash-coated monoliths (various catalyst thicknesses) was exper-
imentally carried out by Ibáñez et al.[61] They confirmed that an
opposite behavior on CO conversion, methane, and C5+ selec-
tivity as increasing catalyst particle size in monolithic packed-
bed reactors compared to conventional packed-bed ones are ob-
served. Besides, the packed-bed monoliths allowed a higher cat-
alyst loading (0.82 [gcat⋅m

−3]) than wash coated monoliths (0.33
[gcat⋅m

−3]), yet, for the same monolith, the wash coated reactors
despite their lower catalyst loading, achieved higher CO conver-
sion and higher C5+ selectivity than the packed-bed variants. After
eliminating significant difference on heat-transfer effects, they
postulated that the reason for the marked difference in behav-
ior of the conventional packed bed, packed-bed, and wash-coated
monoliths is that the drainage of liquid improves from the first to
the last, and waxy products are hindered more by the poorer gas–
liquid contact with small catalyst particles (< 200 [μm] diameter)
compared to wash-coated channels/monoliths, leading to much
poorer radial transport/distribution of the reactants. However,
further investigations on the effects of microstructure dimen-
sion and geometry on mass-transfer characteristics are missing.
Therefore, the effect of varying reactor microstructures on the
nature of mass and heat transfer is still unclear. This again sug-
gests that the FTS process is sensitive toward the tuning of mass
transfer and careful considerations in design are non-trivial.

2.3.3. Pressure Drop

The pressure in a microreactor affects the absorption process
during chemical reactions whereby high pressure drops reduce
the residence time and thus may cause the reaction rate and
conversion rate to drop below optimal values. In terms of reac-
tor design, one immediate consequence of a larger-than-desired
pressure drop is that the active length of the reactor is short-
ened leading to low conversion rates and possible errors in scale
up/down. Also, fluid dynamics have a significant impact onmass
and heat transfer phenomena in microreactors, affecting the
velocity profile (local observation) and the pressure drop (inte-
gral observation) through reactor design and operation condi-
tions. Thus, practical realization of efficient reactors requires
compromises: for example, packed bed catalysts with smaller
catalyst particles tend to be more active than larger ones for
FTS and allow higher loading, both of which would increase
the space time yield/volumetric productivity of the reactor, how-
ever, the pressure dropmay increase above acceptable levels. This
is a particular problem when laboratory sized reactors with a
comparatively smaller ratio of reactor to particle diameter are
used to develop and to parameterize models for predicting the
performance of industrial reactors. Moreover, in reactor design,
a compromise must be made between achieving a low pressure
drop (laminar flow) and a high heat transfer coefficient (turbu-
lent flow). Therefore, pressure drop is of special interest for the
scaling-up of reactors.[29,95] Additionally, knowledge of the pres-
sure drop is needed to economically size the auxiliary equipment
such as pumps, recyclers, and compressors for industrial reac-
tors, to maximize utilization of the syngas feed.[119]

The pressure drop in packed-bed and wash-coated reactor can
be described by Ergun equation and Bernoulli equation, as given
in Equations (14) and (15). It should be noted that the friction
factor C′/Ren can also describe the overall pressure loss for both
Equations (14) and (15), and the values of this term for packed-
bed and wash-coated microreactors might be quite different,
however, limited attention is paid to this difference for reactor de-
sign in the literature. According to Equations (14) and (15), those
parameters, i.e., bulk porosity (catalyst loaded as packed bed),
catalyst holdup, particle size and shape, channel geometry, sur-
face roughness and microstructure in the reactor, liquid holdup,
space velocity and flow distribution, affect the flow profiles and
the pressure drop in microreactors, and the following sections
will elaborate their design parameters and the role in the design
of FTS microreactors.
Catalyst Loading: Different catalyst loading methods (see

Figure 4) change the permeability and porosity of the reactor,
determining the structure of the reactor channels. It is widely
accepted that to maintain effective heat removal in a laboratory-
scale packed-bed microreactor the pressure drop under typi-
cal FTS conditions should not exceed 1.5 [bar⋅m−1].[72] Exem-
plarily, the pressure drop in one FTS microchannel (depth ×
width × length: 1 × 1 × 40, [mm]) with packed particle size 40
[μm] at space velocity 5–8 [L⋅gcat

−1⋅h−1] ranges from 0.2 to 1.2
[bar⋅m−1];[103] the pressure drop of a packed-bed microtube (i.d.
× length: 1.753 × 1000, [mm]) with packed particle size 140–200
[μm] at space velocity 0.012–0.053 [m⋅s−1] ranges from 1.22 to
1.37 [bar⋅m−1]
In general, the pressure drop for wash-coated microreactors is

one to three orders of magnitude lower than packed-bed ones,
i.e., 10−3 [bar⋅m−1],[61] and thus, only a minor issue in terms
of design. For example, the pressure drop of a pilot-scale plant
for hydrogen production from steam reforming of methane at
5 [Nm3⋅h−1] in a microchannel system using wash-coated mono-
lith was reported around 0.7 [bar].[120] However, due to such low
pressure drop in the wash-coated microchannels or -tubes, poor
uniformity of gas distribution during channel or tube number-
ing up might arise, whereby the gas flows tend to bypass the
channels or tubes where a slight increase of pressure drop from
mainly manufactory errors exists. It is rarely discussed in the
literature, rather, a variety of investigations on flow uniformity
among liquid-based channels are reported.[29] Due to its relatively
higher Schmidt number Sc (see Equation (9)) of liquid compared
to gas, the results of flow uniformity of room-temperature chan-
nels with liquid as media make it difficult to interpret the behav-
ior of gas flow uniformity, and thus,more studies are still needed.
Channel Geometry: For a packed bed, given constant reactor

length, particle size, bed density and flow rate, the pressure drop
is independent on the diameter of the reactor, while for a wash-
coated one, the smaller the channel dimension is, the greater the
pressure drop will be, as seen in Equations (14) and (15). Thus,
channel geometry is more a factor for pressure drop in wash-
coated microreactor than in packed-bed ones. As shown in Equa-
tion (15), the friction factor C′/Ren is dependent on flow condi-
tions and channel geometry. For laminar flow in a straight empty
channel, n = 1; for fully turbulent flow (i.e., Re > 104), n = 0;[121]

however, Dong et al.[29] suggested that n = 0.25 should be used
in microreactors in the Re range between 100 and 4000. On the
other hand, the effects of channel geometry on the viscous and
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kinetic constants (i.e., E1 and E2 in Equation (14)) are seldomly
reported in literature.
Surface Roughness and Microstructures: The effects of channel

surface roughness and microstructures on the flow fields and
pressure drop of a reactor vary according to the catalyst loading
method used.
In packed-bed reactors, apart from random packing of the

catalyst, microstructures in the reactor volume, such as CCFS
structures (see Figure 3h), can offer good catalyst holdup, which
changes the particle loading pattern as well as flow pattern. Exper-
imental and simulation results showed that such structured pack-
ing can reduce pressure drop losses compared to conventional
randomly packed reactors.[64,65] It is because the microstructures
rearrange the packing pattern, decreasing the total loading mass
of the catalyst and consequently increasing the overall porosity as
well as lowering the flow friction, thus, decreasing the pressure
drop, as described in Equation (14). Moreover, experimental re-
sults show that the gas velocity in a packed CCFS microreactor
can be around 30% higher than that in random packed-bed ones
in the same pressure drop range 0.05–0.15 [bar⋅m−1], i.e., a lower
pressure drop at the same gas velocity.[64] Though the total cata-
lyst loading decreases, results also showed that FTS productivity
can be increased. Besides, the pressure drops of reactors can also
be reduced by using regular shaped catalyst forms.[122] In con-
trast, surface roughness has a negligible effect on pressure drop
in packed-bed microreactors for gaseous reactants.[91]

However, the wall roughness (Hm.st./Hm.r. < 10−3), confine-
ment and wettability play an important role for the fluid dynam-
ics in wash-coated microreactors.[31] A surface roughness of 101–
102 [μm] was found to enhance formation of secondary flows and
eddies in contrast to smooth surfaces (see Section 2.3.1), never-
theless, the effect on the pressure drop in wash-coated microre-
actors is negligible.
As mentioned above, packed-bed reactors enable more cata-

lyst inventory compared to wash-coated ones. Thus, to increase
catalyst loading in wash-coated microreactors to enhance cat-
alytic performance and to make good use of the free-flowing
volume, a microstructure is recommended, which usually has
higher porosity than random particle packed-bed system. Then,
the catalyst is coated on the surface of these microstructures (see
Figure 2c,d). In this case, the pressure drop will increase due
to the microstructures (i.e., the increase of pack porosity 𝜖 com-
pared to free-flowing empty channel) but is still much lower than
packed-bed catalyst loading. The change of bulk porosity 𝜖 via
introducing microstructures in the wash-coated microreactors
might lead to a shift in applying Equation (15) to (14), however, it
is yet to be in-depth discussed in the literature.
Fluid Density and Distribution: Generally, fluids in packed-

bed reactors and microstructured reactors approximately follow
Darcy’s law, which describes the flow of a fluid through a porous
medium.[10] Specifically, flows for FTS reactors with liquid prod-
ucts operate in the trickle-flow regime.[107] Liquid holdup can in-
crease pressure drop along the reactor length by contributing to
𝜌f in Equations (14) and (15). In the worst case, blocking of cav-
ities in the microstructures and catalyst bed may occur, increas-
ing the risk of thermal runaway. However, related information
is seldomly reported in literature. Nevertheless, for microreac-
tor designs good liquid drainage is important for safe operation.
Besides, as would be expected in a multi-channel reactor, the

pressure drop of each channel determines the flow uniformity of
the whole unit. Thus, non-uniformity related to liquid formation
should be also taken into consideration.

2.3.4. Residence Time Distribution

Residence time distribution (RTD) describes essentially a fluid
element spending a certain amount of time inside the reactor
system before exiting. It is an important concept used in reactor
design to ensure not only sufficient residence time of the reactant
molecules/atoms but also the selectivity of the products. For the
overall reactor dimension the lengthwiseDa≥ 100–101 should be
targeted for sufficient conversion (see Section 2.1). However, not
all the reactant molecules/atoms travel through the reactor iden-
tically, i.e., some are faster, and others are slower. As such, trans-
port difference of each fluid component will lead to local variance
on the absorption and desorption of reactants and products dur-
ing the catalytic processes. Subsequently, a change in product se-
lectivity could occur. Therefore, proper reactors shouldmaximize
the contact between reactants and active sites as well as ensure
an efficient removal of the products, for the catalyst to perform
with almost intrinsic kinetics.
The residence time and RTD are usually measured via tracer

methods.[40] Exemplarily, Boskovic and Loebbecke[123] developed
a technique for the measurement of the RTD in the microfluidic
devices by using a spectroscopic method to monitor an input–
response signal, where the deviations caused by the connected
capillaries and their contribution to the overall RTD were con-
sidered based on modelling analysis. In another method, the dif-
ference between “residence time” and “contact time” in a packed-
bed reactor was distinguished by Orth and Schügerl[124] after con-
sidering ethene-hydrogen reaction on a palladium catalyst.
However, it should be noted that “residence time” and “con-

tact time” in microreactors are often treated as equal in the lit-
erature, though they are termed differently.[13,125] For example,
Tonkovich et al.[33] defined contact time as being equal to (open
channel volume)/(flow rate at standard temperature and pres-
sure) for a wash-coated microstructured reactor, i.e., the reactant
flows by not through the catalyst and the foam region with cata-
lyst was neglected – causing a difference on V in Equation (16).
And in most of the FT experimental works, contact time is usu-
ally a normalization of the feed rate to a catalyst property, e.g., gas
hourly space velocity (GHSV, [mreactant

3⋅mcat
−3⋅h−1] or often also

[mlfluid⋅gcat
−1⋅h−1]) and gas weight hourly space velocity (WHSV,

[greactant⋅gcat
−1⋅h−1]). It should be also noted that these contact

times are often given under 0 [°C] and 1 [bar] (International
Union of Pure and Applied Chemistry (IUPAC), and may vary
if other standards are applied, e.g., National Institute of Stan-
dards and Technology (NIST)), instead of operating conditions
– causing a difference on v in Equation (16). Thus, it is often
difficult to compare residence times or contact times for differ-
ent experiments reported in the literature. However, due to the
small channel dimensions, microreactors usually exhibit a nar-
row RTD, i.e., Bo ≥ 102 (see Section 2.1), which is desirable to en-
sure that the reactants have very similar residence/contact time,
to prevent subsequent reactions toward undesired by-products.
Thus, in the current review, the two extreme cases, i.e., narrow
and maximal broad RTDs by an ideal plug flow reactor (PFR)
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Figure 9. Change of hydraulic diameter dh with increasing aspect ratio 𝛼

at fixed cross-sectional area A.

and an ideal continuously stirred tank reactor (CSTR),[40] are dis-
cussed. For catalytic kinetics study, usually either PFR or CSTR
reactors are employed, whereas applied reactors usually lie some-
where in between.
PFR: The PFR model assumes that the reactants are ideally

repressed along the reaction axis, resulting in an infinitely nar-
row RTD and high space-time yield. Microreactors in simulation
are usually treated as ideal plug flow reactors,[10,62,63,106,107,126] and
most of them are usually packed-bed reactors. Despitemost likely
having a laminar flow profile, it is a reasonable assumption since
due to their small dimensions and finite reaction rate the con-
centration gradients across the cross section in the microreactor
channels are very small and often negligible. However, several
simulation works show that microchannels with infinitely fast
wall reactions (e.g., by wash-coated catalysts) cannot be treated as
1D PFRmodel,[58–60] rather, cross-sectional mass transfer should
also be considered. When the corner effects start to play a promi-
nent role, 3D model might also be demanded. Moreover, their
results also indicate that the velocity profile of the inlet (i.e., lam-
inar or plug-flow pattern) can also affect the reaction conversion
at the exit, which is often neglected in PFR assumption. Neverthe-
less, the extent of the error caused by this approximation for spe-
cific applications in microreactors is, however, case dependent
and needs to be investigated individually.
Combination of PFR and CSTR: For perfect back mixing of

reactants, CSTR behavior is desirable, to e.g. avoid side reactions
occurring at high initial reactant concentrations or managing the
heat of highly exothermic reactions at the reactor inlet. However,
it is hard to achieve either of the two extreme cases in practice,
therefore, the actual RTD in real reactors can be assumed as a
combination of PFR and CSTR. Aubin et al.[125] through simula-
tion investigations using non-Newtonian and Newtonian fluids
suggested that, to obtain a narrow RTD and reduced axial disper-
sion, the microchannels should be designed with large aspect ra-
tio 𝛼 ≥ 3 for a fixed cross-sectional area. In their simulation, reac-
tions are excluded. However, as presented in Figure 9, increasing
of aspect ratio 𝛼 leads to a decrease of hydraulic diameter dh as
well as increase of flow velocity (i.e., flow rate is fixed), thus sub-
sequently, an increase of pressure drop (see Equation (15)). Be-

sides, very large 𝛼 (i.e., very small Hm.r.) can largely increase the
risk of channel blockage, especially for FTS process, as discussed
in Section 2.3.2. Since the temperature uniformity of a rectan-
gular geometry with 𝛼 = 0.5–3 is satisfactory (see Section 2.3.1)
and the pressure drop should be controlled within a reasonable
range, 𝛼 = 0.5–3 is more appropriate for FTS process which tar-
gets especially for long-chain hydrocarbons, while 𝛼 > 3 or 𝛼 <

0.5 is more suitable for gas-phase processes.
Combining both CSTR and PFR can be beneficial for process

optimization. Based on simulations, Rafiee andHillestad[126] pro-
posed a two-staged design of an FTS reactor using a CSTR reactor
in the first stage and a PFR in the second stage. The CSTR stage
serves to level out the temperature peak due to the initial high re-
action rate and larger reaction enthalpy of the FTS while the PFR
stage, beingmore efficient in terms of space-time yield, increases
the productivity of the proposed process. Simulations revealed
that by proper combination of both, the wax production could be
increased by 2% and the CO conversion by 2% while keeping the
peak temperature rise in check.However, whether such a concept
can be practically transferred to microreactors is questionable, as
significant back-mixing in microstructures is nearly impossible.

2.4. Summary and Discussion

To achieve a high C5+ selectivity and CO conversion rate for FTS,
design strategies should reconcile the conflicting requirements
for high heat and mass transfer rate, low pressure drop, and ap-
propriate residence time. In this section, the core relationship
between design parameters and the dimensionless numbers is
summarized in Table 2, and based on the findings above, the de-
sign boundaries for FTS microreactors are discussed, as well as
the preliminary comparison of design parameters (i.e., hydraulic
diameter and length) from engineering perspective between FTS
and other syngas-related processes. Finally, the design and oper-
ational parameters of existing pilot-plant microchannel reactors
for FTS are also summarized.
First, the hydraulic diameter dh is an important design pa-

rameter for heat transfer (described by Nusselt number, see
Equation (6)) and mass transfer (described by Sherwood num-
ber, see Equation (8)), as summarized from the literature in
the sections above, since it determines Reynolds number direct-
proportionally (see Equation (5)) – indicating flow hydrodynam-
ics in the reactor – at given operational conditions. It is because
flow hydrodynamics forms the basis for heat and mass transfer
in one reactor, thus, both Nusselt number and Sherwood number
have strong correlations to Reynolds number. As seen in Table 2,
due to the cross section of 10−2–101 [mm] for microreactors, Re is
in a range of 100–102, and subsequently, most of the dimension-
less numbers are limited to a certain range of values. However,
due to the inherent difference in flow hydrodynamics for differ-
ent catalyst loading methods, heat and mass transfer phenom-
ena in the packed-bed and wash-coated reactors are also quite
distinct and the challenges to overcome are also different. Specif-
ically, for exothermal reactions in the packed-bed one, to avoid
hot spot or thermal runaway (i.e., for heat transfer) is extensively
focused. For this, a critical hydraulic diameter (i.e., upper limit)
should be underlined. It can be roughly estimated by reaction
rate, reaction enthalpy and cooling strategy. Exemplarily, under
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Table 3. Cross-sectional dimension of packed-bed microchannel reactors for five exothermic processes.

Processa) Enthalpy
[kJ⋅mol−1]b)

Reaction rate
[mol⋅m−3⋅s−1]c)

Temperature rise
[°C⋅mm−2]

Critical hydraulic
diameter [mm]d)

FTS[79,131] 170.9 8.0 0.14 6.8

CO2-to-methanol[132,133] 55.9 7.5 0.04 12.4

CO-to-methane[134,135] 225.1 6.1 0.16 9.9

CO2-to-methane[134,136] 176.3 7.7 0.14 7.0

CMC of methane[137,138] 813.3 12.7 1.03 2.5
a)
Bed thermal conductivity is assumed 10 [W⋅m−1⋅°C−1], bed porosity is 0.4, catalyst dilution with inert is ≈50 wt%, catalyst true density is 1000–1700 [kg⋅m−3].

b)
Enthalpy

under typical operation conditions of a given reaction.
c)
Initial reaction rate or reaction rate under high activity region.

d)
Threshold cross-sectional dimension evaluated

under high catalyst activity; definition as given in Equation (4).

typical FTS condition, to avoid thermal runaway, a hydraulic di-
ameter for one microchannel or -tube approximates ca. 6.8 [mm]
(see Table 3) according to our calculation, which is also consistent
with 2D mathematical FTS calculation done by Chabot et al.[10]

Furthermore, in their study, another example applied with cool-
ing strategy indicated that a hydraulic diameter < 3.12 [mm] is
favorable.[10] On the other hand, the hydraulic diameter of wash-
coatedmicroreactors can be comparably smaller than packed-bed
ones due to twomain reasons, i.e., wash-coated ones load less cat-
alyst than packed-bed ones and thus generate less reaction heat;
free-flowing volume should be better used by decreasing the over-
all size of the reactor system. However, a lower limit exists when
liquid drainage (i.e., mass transfer) and pressure drop are consid-
ered. As mentioned above, to avoid liquid products forming slug
flow regime and subsequently blocking channel cross section, dh
> 50 [μm] or Hm.r. > 50 [μm] for FTS process seems applicable.
Nevertheless, the lower limit depends on catalyst activity, wash-
coated thickness and operation conditions, i.e., how much liquid
is formed. Thus, based on findings above, we suggest that a ratio
of wash-coated catalyst thickness and hydraulic diameter lies in a
range of 0.15–0.2 [mm⋅mm−1][61,73,107] with consideration of cata-
lyst thicknesses ≤ 100 [μm] to minimize mass transfer limitation
in catalyst layers. A ratio> 0.4 [mm⋅mm−1] could lead to diffusion
limitation and waste of catalyst.[63] Apart from hydraulic diame-
ter as dimensional design, the design of cross-sectional geometry
can also contribute to temperature uniformity. Though a rectan-
gular geometry of 𝛼 ≥ 3 is recommended for higher Bo (i.e., less
axial back-mixing), in view of liquid formation during FTS pro-
cess and to reduce the risk of channel blockage, an aspect ratio

𝛼 between 0.5 and 3[13,14,51,55,75–78] is sufficient for reasonably nar-
row RTD profile as well as heat exchange, as seen in Table 2.
Second, the length of the microreactors can be estimated via

Damköhler number (more specifically, the first Damköhler num-
berDai), as discussed in Section 2.1. According to our calculation,
for a packed-bed FTS reactor, CO conversion ≈70% usually re-
quests a Damköhler number of ≈0.68 (see Table 4). Due to equi-
librium effects, Damköhler number>> 1will not further guaran-
tee complete CO conversion, and thus, longer length is not neces-
sary. Regarding channel geometry, the zigzag,[53] sinusoidal[55,56]

and complex[57] shapes can enhance heat and mass transfer
through creating turbulence and secondary flows, which seems
favorable to many gas–solid catalytic processes. However, such
effects on Nusselt number are limited.[55] Moreover, for effective
liquid drainage (especially FTS process), the straight geometry
for the microchannel/microtube is most favorable.
Additionally, design transfer from FTS to other syngas-related

processes from engineering perspective, taking hydraulic diam-
eter and length as example, is also conducted here. According
to our calculation, as shown in Table 3, the critical hydraulic di-
ameter for CO2-to-methanol process is around 12.4 [mm], the
CO-to-methanol process = 9.9 [mm], CO2-to-methane process =
7.0 [mm] and catalytic methane combustion (CMC of methane)
= 2.5 [mm]. Thus, in terms of heat removal capabilities, mi-
croreactors for FTS (dh ≈ 6.8 [mm]) could be applicable as
well for CO2-to-methanol, CO-to-methane and CO2-to-methane
reactions but not for catalytic methane combustion. It is be-
cause the reaction enthalpy and the rate of the latter are much
higher than FTS process. Therefore, the hydraulic diameter

Table 4. Damköhler numbers and reactor performance relevant to different gas-to-X reactions.

Process Catalyst/loading a) Temperature [°C] Pressure [bar] Reactant
[mol⋅m−3]

Contact time b) Da c) Conversion [%]

FTS[13,139] Co/PB 210 24 CO: 124.7 4.2 [s] ≈0.68 ≈70

CO2-to-methanol[132,133,140] Cu/PB 240 80 CO2: 450.0 16.4 [s] ≈0.27 n.a.

CO2-to-methane[86,134,136] Ni/PB 400 9 CO2: 26.8 110.8 [s] 20–30 ≈90

SR of methane[33,141] Rh/WCM 835 13 CH4: 27.4 13.3 [ms] ≈12.7 d) ≈70

CMC of methane[138,142] Pd/WC 450 1 CH4: 0.2 0.2 [s] ≈3.85 >80

CMC of methane[137,143] Pd/PB 300 1 CH4: 0.2 37 [ms] ≈2.23 >90
a)
Catalyst loading methods: PB-packed-bed; WC-wash-coated; WCM-wash-coated microstructure reactor.

b)
Recalculated based on reactor volume and operation conditions

in literature.
c)
First Damköhler number, definition as given in Equation (13); reaction times based on reaction rate can be referred to Table 3.

d)
Highly active catalyst[141] was

coated on foam in the reactor.
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Table 5. Comparison of performance of pilot plant microchannel reactors for FTS.

Refs. Velocys[13] KOGAS[14] Ajou University[15] INERATEC[16]

Capacity 1.5 BPD 0.5 BPD 0.2 BPD 2 BPD

Catalyst Commercial not disclosed 12 wt% Co/𝛾-Al2O3 Pt-Co/Si-Al2O3 catalyst Commercial not disclosed

Catalyst form Packed bed using 275–300 [μm]
diameter particles

Packed bed using ca. 1 [mm]
diameter particles

Packed bed, particle size not
disclosed

Packed bed using 50–200
[μm] diameter particles

Scaling 276 channels @
•3.0 [mm] wide
•171 [mm] catalyst bed length
•1.0 [mm] gap as height

528 channels @
•10 [mm] wide
•5.0 [mm] height
•460/400 [mm] reactor/catalyst bed
length

135 channels @
•Width and height of channels
undisclosed

•362 [mm] reactor length

Not disclosed

Coolant Boiling water Oil Water Water

H2:CO 2.0 2.08 2.0 2.1–2.5

GHSV 12 400 [h−1] (150 gcat) 2500 [ml⋅gcat
−1⋅h−1] 6600 [ml⋅gcat

−1⋅h−1] 100–125.4 [slm b)]

Pressure 24.13 [bar] 20 [bar] 20 [bar] 20 [bar]

Temperature 210 [°C] 220 [°C] 225 [°C] 202–216 [°C]

Lengthwise ΔT ±2 [°C]/300 [mm] ca. 12 [°C]/460 [mm] Not disclosed Not disclosed

Average pressure drop Not disclosed 2 [bar]/400 [mm] Not disclosed Not disclosed

Contact time 290 [ms] Not disclosed Not disclosed Not disclosed

CO conversion 71.8% 83% 74% 50–60%

CH4 selectivity 8.9% 50.13% a) 10% 5–30%

C5+ selectivity 85.2% Not disclosed 81.3% Not disclosed
a)
Attributed to a low contact time of the reactants.

b)
Standard liters per minute.

should be around three times smaller than FTS microreactor to
avoid hot spot formation or thermal runaway, or active cooling
strategies should be applied. On the other hand, rough ranges of
Damköhler number are also estimated for comparison, as given
in Table 4. This can help to evaluate the adaptability of a reactor
for one specific catalytic reaction as well as to estimate the suit-
able operation conditions (e.g., space velocity). Typically, in the
packed-bed reactor for CMC of methane, a Damköhler number
≈2.23 results in CH4 conversion> 90%. In contrast, a Damköhler
number of 20–30 for a packed-bed reactor under CO2-to-methane
condition is unnecessary, where reaction might not occur at the
channel downstream because the equilibrium CO2 conversion is
around 20–30%, and thus, larger residence time or longer chan-
nel length will not enhance conversion.
Interest has been shown on microstructures in the microre-

actor, which in this review indicates 3D volumetric microstruc-
tures in the reactor (see Figure 3c,d,h,i) and the microstruc-
tures on the reactor surface where catalyst is wash-coated (see
Figure 3e–g). For packed bed, 3D microstructures alleviate the
conflict between large catalyst loading for high space time yield
and consequent high pressure drop.[64,65,127,128] As packing struc-
ture as well as heat transfer media, volumetric microstructures
reconstruct catalyst packing pattern, flow profiles and tempera-
ture distribution, which results in higher catalyst usage and im-
proved FTS-product selectivity.[64] For this, we summarize that a
microstructure porosity around 0.85–0.95 with dimension of 50–
1000 [μm][63,64] are sufficient. Besides, the impacts of microstruc-
tures on FTS liquid product formation have gained increasing
interest yet further investigations should be expected. On the
other hand, for wash-coated microreactors, catalyst has higher
catalyst utilization than random packed beds[61] due to efficient

heat removal, low pressure drop and better drainage of liquid and
waxy products, though the total catalyst loading is lower. Thus,
it is worth paying attention to surface- and volume-wise 3D mi-
crostructures (see Figure 3) for wash-coatedmicroreactors, which
can increase total catalyst surface area and catalyst loading, create
flow turbulences and intensify heat transfer, compared to a plain
wash-coated microchannel/microtube. As presented in Table 2,
adding microstructures can change heat transfer (Nu number),
mass transfer (Sh number), and flow hydrodynamics (Bo num-
ber). However, the mechanism is seldom discussed in literature.
In this regard more investigations are still needed.
Nevertheless, temperature difference (cross-section-wise or

length-wise) of ΔT ≤ 3 [°C] should keep in check for FTS
microreactors.[61,84] Specifically, the lengthwise temperature dif-
ference of 0.002 [°C⋅mm−1] should also be constrained.[61,84] It is
usually easy to achieve in lab-scale (either packed-bed or wash-
coated) microchannel or -tube reactors, since the total catalyst in-
ventory is small. But it can be an important overall criterion for
sized-up or numbered-up microreactor set-ups. Regarding reac-
tor material for better heat transfer, stainless steel is the most
common reactor material, and other candidates are alumina, sil-
icon carbide, FeCrAlloy, titanium, etc. Though high thermal con-
ductivity of the materials is a key parameter mainly for higher
heat transfer efficiency, mechanical strength, inertness, pressure
tolerance, corrosion resistance and capital cost should also be
borne in mind.
Finally, examples of pilot-scale microreactors for FTS process

are shown in Table 5. Indeed, scaling up microreactors is usu-
ally realized by numbering up channel or tube units. The di-
mensions of microreactors vary within a limited range in or-
der to maintain mass or heat transfer properties and results
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from experiments and simulation indicate that within these di-
mensions the effects of geometry on the CO conversion are
negligible,[13,19,75,116,129] while the effects on the product selectiv-
ity can be significant and even may be magnified during num-
bering up. As also seen in Table 5, a special attention is paid
on heat management, i.e., crossflow cooling configuration is ap-
plied. However, the technical ormechanical challenges to applied
partial boiling water as coolant is seldomly reported. Neither is
the experimental details on gas uniformity among all units of-
ten reported, where the gas flows tend to bypass the channels or
tubes where a slight increase of pressure drop from manufac-
tory errors or catalyst loading difference exists, however, the re-
sults of flow uniformity of room-temperature channels with liq-
uid asmedia fall short to interpret the behavior of gas flow among
channel units under relevant reaction conditions. These impacts
may in turn alter the reactant distribution, heat evolution, prod-
ucts selectivity and overall reaction rate. Besides, during FTS pro-
cess, blocking of cavities in the microstructures and catalyst bed
may occur, increasing the risk of thermal runaway, yet related
information and their challenges are seldomly reported in the
literature.

3. Challenges and Outlook

Though a substantial amount of work has already been pub-
lished on microreactors for FTS and other applications, as dis-
cussed in the previous sections, there are still a few open
questions and challenges to be overcome. In the following
section limitations of existing experimental and simulation
work are discussed, and opportunities for future research are
outlined.

3.1. Experimental Limitations

In microreactors, the effects of heat transfer, mass transfer, flow
field and pressure drop, residence time and distribution are usu-
ally interrelated, and experiments are not able to easily disentan-
gle their effects. Quite often, only the temperatures at specific
locations such as the inlet, middle of the reactor and the outlet
are measured, which may not sufficiently capture the evolution
of the heat distribution and transfer phenomena during react-
ing operation, especially for numbered-up microreactors. Also,
for microreactors, concentration profiles in the axial and espe-
cially lateral directions are largely unavailable experimentally. A
lack of accurate concentration profiles limits the understanding
of the effects of reactor design, operation conditions, catalyst, etc.
on performance and scale-up. Therefore, for selectivity-sensitive
catalytic reactions, e.g., FTS, operando measurements that spa-
tially resolve concentration and temperature gradients at such
small scales, are imperative. For resolving temperature gradients
in microchannels, thermographic imaging might be possible in
certain cases,[144] but high-resolution measurements of flow and
concentration profiles are complex on such small scales. While
flow profiles, especially in liquid phase reactors, at room tem-
perature can be easily captured using microscopic particle im-
age velocimetry (micro-PIV),[37,57] they are yet measurable nei-
ther for gas-phase reactions nor in operando. It could be prob-
lematic if the intrinsic kinetic data of the catalyst should be ex-
tracted, but the flow pattern is far away from an ideal flow pattern,

i.e., PFR or CSTR. Additionally, experimental measurements of
the residence time distribution in microreactors are also seldom
reported.
Though mass transfer limitations have been observed in ex-

periments, as seen in Section 2.3.2, the measurement data of
the internal and external mass transfer in reactors are seldom
reported. Instead, the concentrations of reactants and prod-
ucts are measured, and a theoretical analysis (e.g., Mears crite-
rion and Thiele modulus) is applied to determine the transfer
resistance.
For microreactors, precise quantification of products of GtL

processes can be challenging, and often mass balance is difficult
to achieve for small-dimensioned setups. This can cause in de-
viations when intrinsic kinetic model parameters should be ex-
tracted from experiments or when a simulation model may need
to be validated.
Lastly, even for accessible experimental reactor data that is pub-

lished, experimental conditions (e.g., liquid formation and chan-
nel blockage, gas flow non-uniformity in the multichannel) are
not fully disclosed. This lack of information provides serious im-
plications for the reactor design. Additionally, reliability as well
as measurement accuracy makes both the calibration and valida-
tion of the simulation models, with high accuracy and predictive
power, difficult.

3.2. Simulation

Numerical modelling is used to overcome the limitations in ex-
perimental tests and to improve the understanding of the phe-
nomena of heat and mass transfer and flow hydrodynamics. It is
also a mandatory tool for scaling up reactors. The quality of re-
actor simulation models strongly depends on the measurements
from experiments in two ways: i) reaction kinetics and ii) model
validation. However, because of the inaccessibility of experimen-
tal data, the expense and complexity of the necessary experiments
to collect calibration data for models, among others, many as-
sumptions are used for microreactor simulations. Table 6 sum-
marizes common assumptions for simulations and their impli-
cations for the accuracy and predictive power of the associated
models. Deviations that arise from these common assumptions
are seldom discussed in literature.
To disclose phenomena of heat and mass transfer via sim-

ulation, kinetic and selectivity models as well as mass trans-
port models are very important. A summary of FTS kinetic
and selectivity models applied in the literature is presented in
Table 7. Most of the kinetic models are empirical and semi-
empirical. Though empirical models can capture and describe
the main features of experiments, their validity is limited to
specific operation conditions. Thus, such models can result
in low accuracy in predicting performance and fall short to
scale up other types of reactors. On the other hand, semi-
empirical models mostly refer to the kinetic mechanism based
on Langmuir–Hinshelwood (L–H) or Langmuir–Hinshelwood–
Hougen–Watson (LHHW) approaches. Corresponding experi-
ments are carried out within a certain operating range, and
kinetic parameters are obtained by fitting experimental data
with L–H or LHHW model. When applying semi-empirical
ones, it is important to check the conditions for which the
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Table 6. Commonly used assumptions and their implications for microreactor simulation models.

Aspects Assumption Implications

Gas phase behavior -Gas behavior obeys the ideal gas law
and Henry’s law.

-This assumption is valid at relatively low pressures (< 1 [bar]) and high
temperature (>500 [°C]).

-Deviations could arise under the operation conditions for a given catalytic
reaction or liquid products are formed, and corresponding considerations
should be made.

Operating conditions -Steady state -Catalyst undergoes deactivation in practical application. When deactivation is
fast, this assumption could bring deviations.

Catalyst conditions -No addition or removal of catalyst.
-Catalyst does not degrade.

-Catalyst may experience deactivation via sintering, carbon deposit, build-up of
waxes (for FTS), etc.

-Concentration/temperature profiles change due to the addition/removal of the
catalyst.

Temperature /concentration
gradient

-Radial/cross-sectional temperature and
concentrations gradients are
neglected for 1D and pseudo-2D
simulations.

-Laminar flow patterns in reactors indicate that heat conduction is dominant.
-Cross-sectional temperature/concentration gradient indicates serious
implications on the design of reactors for selectivity sensitive processes such as
FTS, especially when catalyst reaction rate is quite fast.

Constant parameterization -Constant physical properties of some
reactants/products

-For FTS, one single n-paraffin as C5+

-Low predictive accuracy as dynamic phenomena, which vary with the operating
parameters as well as with time and space, are not well described.

kinetic experiments are valid for reactor design and analysis.
The current state-of-the-art simulation models can solve sev-
eral independent and coupled processes simultaneously, but
for that, more mechanistic-based reaction kinetics are nec-
essary to develop a comprehensive model. Obtaining such
models, however, requires extensive experimental work over a
broad parameter range, coupled with operando spectroscopic
methods. Besides, due to complexity of gas–liquid–solid re-
action environment, long-chain product selectivity, simultane-
ous investigations on heat and mass transfer, hydrodynamics,
and reaction performance are seldom conducted in the litera-
ture.
On the other hand, mass transport and diffusion of the reac-

tants to catalyst active sites are modelled by mass transfer mod-
els. In the current literature, models for both internal and exter-
nal mass transfer resistances during FTS process are developed.
For internal mass transfer, wash-coated micro- and monolith-
catalysts are assumed to be flat geometry, while for slurry bed
columns and packed bed the catalysts are assumed be spheri-
cally shaped. Amongst many, pore diffusion model is often ap-
plied, where effective diffusion coefficient depends on tortuosity
𝜏cat = 3 and catalyst porosity 𝜖cat and reaction rate is the driven
force.[39,64,73,107,117,145] Quite informative results of H2/CO ratio,
reaction rate, and product distribution along the catalyst radius
of one particle can be obtained, whereas temperature is assumed
to be uniform and catalyst is fully saturatedwith a liquidmedium.
On the other hand, for external mass transfer resistance, empir-
ical gas–liquid[65,146–149] and liquid–solid[39,65,150] Sherwood cor-
relations as well as overall correlations based on direct numeri-
cal simulations (DNS) results[45,108] are reported in the literature.
Quite often, these models coupled with reaction/kinetic models
as well as other modeling phenomena, make the reactor sim-
ulation very computationally heavy, and the simulation fails to
reach convergence. There are still many investigations needed to
achieve the compelling goal of a “virtual replica” of the reactor
through CFD modelling.

3.3. Future Investigations and Outlook

3.3.1. Controllable Micro-Structuring

Increasing interest in microstructures has been shown in
the current literature, since it has been found that micro-
structuring can enhance heat and mass transfer, adjust flow
profiles, decrease pressure drop and increase catalyst inven-
tory, as mentioned above. Though a few works showed that
microstructures have impacts on CO conversion, methane
and C5+ selectivity for FTS process,[61] further investigations
on the mechanisms of microstructure dimension and geom-
etry impacting heat- and mass-transfer characteristics are still
missing. Technically, the catalytic pellets, coated with highly
porous catalyst powders and packed randomly in the reactor,
which is often applied to reduce pressure drop of the packed
bed, could also provide a “microstructure” in the reactor, i.e.,
microstructure in the porous catalyst layer and micro cavities
between pellets. However, controllable 3D microstructures, i.e.,
ordered surface-wise 3D microstructures (see Figure 3e–g) and
volume-wise ones (see (g) and (h)) own potential to disentangle
and explain interrelated phenomena of heat and mass transfer
in the microreactors, and further, can facilitate precise utiliza-
tion of the precious metal-based catalyst, which ushering in
the ultra-low catalyst loading as even thin-film form, i.e., few
nanometre-thick catalyst loading.[166] Even though thin-film
technology is widely used in microelectronics or microsystems
technology, its application on thermocatalysis has been proven
in a few recent studies.[166–168] Its interests are not just lim-
ited in highly sensitive measurements of catalyst activity and
surface kinetics,[168,169] but also in FTS process,[170] CO2 hydro-
genation to methanol,[171] acetylene hydrogenation,[166,168]

and dry methane reforming.[172,173] The main
attractive advantage of thin-film catalysts is that they enable
precise control of the catalyst composition, or the possibility to
promote a specificmorphology combined with the high degree of
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standardization, which might achieve highly selective productiv-
ity, though the loading of catalyst will be much lower than packed
bed and wash-coated ones. Besides, free internal-mass-transfer
resistance and uniform temperature distribution can be easily
achieved across the whole catalyst surface. Therefore, proper di-
mensioning and design of the reactor as well as of the controlled
microstructures are quite important to harvest the full potential
of the catalyst. Though design strategies based on power catalyst
for packed-bed and wash-coated microreactors are summarized
in this review, and it may provide as an engineering guide, the
design transfer from current experience to the microreactor for
thin-film catalyst still requires more investigations.

3.3.2. New Heating/Cooling Concepts

Precise temperature control is critical, especially for the FTS pro-
cess. The product selectivity and catalyst lifetime are highly de-
pendent on the temperature. Thus, both arrangements of the
channels and the heat transfer properties when numbering up
microchannel or -tube have drawn quite a lot attention. Amongst
many, a few new heating/cooling concepts are reported. Exem-
plarily, as a cooling strategy, boiling water is proposed as a coolant
for highly exothermic processes because the partial boiling con-
dition enables significant heat removal through the enthalpy of
vaporization. However, its technical ormechanical challenges are
seldomly reported, and the implementation requires further op-
timization to become applicable for microreactors. For heating
strategy, direct current electrical heating of the reactor wall can be
facilitated, enabling precise and direct temperature control,[168]

which can be quite interesting for low-temperature or endother-
mal reactions.

3.3.3. Other Design Concepts

Catalyst gradient loading or catalyst positioning and reac-
tant/product removal are also reported in the literature for heat
management and variation of the product selectivity.
For catalyst gradient loading/positioning, the activity/mass

fraction of the catalyst is intentionally varied along the length
of the reactor. This gradient loading can minimize the forma-
tion of hot spots by reducing the amount of catalyst especially
in the inlet regions, and thus has to date mainly been applied
in packed-bed microreactors for highly exothermic processes
such as FTS[71] and CO2 methanation.[86,87] Catalyst position-
ing has similarly been applied for the auto-thermal for methane
SR and methane/air combustion by adjusting the catalyst load-
ing of the endothermic reactions according to the heat evolu-
tion from the exothermic reactions or vice versa.[27] However,
the main shortcoming of catalyst gradient loading/positioning is
the lack of “flexibility”, which means one fixed design of load-
ing/positioning in the microreactor is only suitable for a limited
range of operating conditions. The change of the flow rate moves
the position of the hot spot or changes the temperature distribu-
tion, thus, in the worst case, the non-uniformity of the tempera-
ture distribution may be aggravated. Inspired by this idea, gradi-
ent catalyst thickness/composition, gradientmicrostructure, gra-
dient hydraulic diameter, etc., could also be envisioned for spe-
cific challenges.
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On the other hand, varying the position of the reactant feed
and/or product removal during the catalytic process along the
reactor may be used to deliberately shift the reaction’s thermo-
dynamic equilibrium using membrane reactors.[174] For exam-
ple, CO2 methanation (Sabatier process) is a reversible reaction
in which water removal shifts the equilibrium to favor the pro-
duction of more methane. The optimal position for product re-
moval is determined by various factors, and similarly, the effec-
tiveness of such design is limited to a certain range of operation
conditions.

4. Conclusion

A catalogue of experiences from experiments and simulations for
engineering design strategies of different types of microreactors
to achieve negligible temperature and concentration gradients as
well as low pressure drop and narrow residence time distribution,
is growing. However, globally valid design principles of geometry
and dimension in terms of reactors as well as microstructures in
the reactor for tuning the catalytic selectivity are still lacking. In
this review, design parameters of microreactors and their impli-
cations on the reactor’s performance are compiled and discussed
in the context of the FTS process. Guidelines for the considera-
tion of proper dimensions, geometry, materials, catalyst arrange-
ment, andmicrostructures in the reactor are provided to optimize
heat and mass transfer, pressure drop and residence time dis-
tribution. Recommendations for the catalyst loading of packed-
bed and wash-coated microchannel, microtube, micromonolith
and microstructured reactors are summarized. Additionally, the
transferability of design boundaries on FTS to other syngas pro-
cesses is also discussed. It is noticed that design strategies in
terms of heat transfer, mass transfer, pressure drop, and resi-
dence time distribution may exist conflicts; however, reconcilia-
tion needs to be made to achieve specific product selectivity, tem-
perature distribution, and production rate.
The scalability of microreactors allows to realize a variety of

large-scale applications from lab-scale instigations. It is envi-
sioned that the favorable process intensifying characteristics of
microreactors will be implemented at the pilot- and commercial
scale of microchannel-based design via numbering up methods.
In particular, microstructure has been found to be able to en-

hance heat and mass transfer, adjust flow profiles, decrease pres-
sure drop, and increase catalyst inventory, and it has become one
of the key design aspects for microreactors. A growing interest
in controllable micro-structuring of both the reactor surface and
catalyst, instead of using random catalyst packing and unpre-
dictable powder porous structure, has been shown. With micro-
structuring, the applicability and adaptability of microreactors as
well as the tunability of operation parameters, can be enlarged.
Finally, as the microreactors for FTS is one of today’s hot top-

ics in the reaction engineering community, although clear design
methodologies are not scoped, we hope that this review can serve
as a practical summary and comprehensive overview of the mi-
croreactor design. Together with the ongoing efforts in micro-
structuring investigations, microreactors for catalytic reactions
might not be regarded as “micro size” but instead as an emerging
energy-renewable solution.
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